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Abstract 
The production of biodiesel has increased exponentially in the past few decades. This 
growth has facilitated an excess creation of glycerol, which is generated as a byproduct during the 
formation of biodiesel. As a result, the glycerol market is oversaturated, subsequently plummeting 
its price to the point that it has become a waste problem for some biodiesel companies. Therefore, 
in order to make biodiesel production more economical, it is critical to establish glycerol as a 
value-added product. One option, steam reforming of glycerol to produce hydrogen is a promising 
idea to utilize this excess resource. In specific, this hydrogen gas can be used to produce ammonia 
that is consumed in the preparation of fertilizers and has several other promising future 
applications. Currently, ammonia is produced by using hydrogen formed from the steam reforming 
of methane (SRM). Theoretical studies suggest that the use of glycerol instead of methane 
increases the ammonia production rate while also being advantageous in both the environmental 
and agricultural sectors. 
In this study, the viability of direct catalytic conversion of glycerol to ammonia at a reduced 
pressure is addressed. In order to achieve this, the overall reaction was divided into three parts. 
The first two parts, glycerol steam reforming (GSR) and the water-gas shift (WGS) reaction were 
used to produce hydrogen. The third part involved the study of the ammonia synthesis reaction at 
a lower pressure. At first, the GSR reaction was carried out over Ni/γ-Al2O3 catalyst to produce an 
average hydrogen proportion of 66.12%. Likewise, the WGS reaction was conducted by 
implementing a Pt/HAP catalyst that was able to achieve a 100% CO conversion rate. Later, the 
GSR and WGS reactions were merged in a single reactor. The combined reactor increased the 
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average hydrogen proportion to 69.85%. Finally, the ammonia synthesis reaction at 1 and 2.5 atm 
were studied by using a promoted Ru/C catalyst. Unfortunately, no traces of ammonia were found 
with the Ru/C catalyst that motivated the use of a naphthalene reduced Co-Mo/CeO2 catalyst. 
Unfortunately, the second catalyst also could not generate any ammonia. Therefore, based on the 
current results, the direct catalytic conversion of glycerol to ammonia is not viable at the reduced 
pressures investigated. As a result, future efforts at implementing other hardware to analyze the 
product gas while optimizing the reactor for a higher pressure are necessary. 
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Chapter 1: Introduction 
The ever-increasing demand for energy along with emissions issues due to the use of fossil 
fuels has facilitated the search for alternative and renewable sources of energy. In this respect, 
biodiesel is being accepted gradually as a replacement for petroleum diesel fuel since it is 
renewable and theoretically carbon dioxide (CO2) neutral (Fig. 1). As a result, various subsidies 
were provided for the use of biodiesel in the early 2000s, especially to achieve the mandates of 
Kyoto 1997 and Buenos Aires 1998 world conferences where the international community agreed 
to reduce emissions of greenhouse gases by 5% by 2010 with reference to the levels of 1990 [1]. 
Consequently, the global production of biodiesel increased exponentially. Even after 2010, due to 
the rise in the cost of crude oil and emissions concerns, there has been significant growth in the 
production of biodiesel (Fig. 2). In 2016, around 35 billion liters of biodiesel were produced 
globally, which is around 450 times more than the amount produced in 2000. 
 
Figure 1: CO2 cycle for biodiesel [2] 
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Figure 2: Global biodiesel production since 2000 A.D. [3] 
Generally, biodiesel is produced by an alkali-catalyzed transesterification reaction between 
biomass-derived triglycerides and methanol. During this reaction, glycerol is created as a 
byproduct at about 10% of the amount of biodiesel by mass. As a result of the exponential increase 
in production of biodiesel, the generation of glycerol has grown tremendously. For instance, the 
global production of glycerol increased from 0.2 to 2 Megatons from 2003 to 2012 and it is 
expected to reach 4.7 Megatons by 2020 [4]. Currently, glycerol is over-supplied to world markets 
due to its limited commercial exploitation which in turn has provoked an expected fall in its price 
[5]. As shown in Fig. 3, the cost of refined glycerol has decreased from $0.80 /lb. in 2000 to $0.40 
/lb. in 2017. Hence, this over-abundance and its respectively low cost result in some biodiesel 
manufacturers simply dumping it on site, subsequently causing a disposal waste problem [6]. As 
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a result, it is essential to find effective and economical ways for conversion of glycerol to useful 
products. In this area, some potential applications of purified glycerol include [7]:  
1. Formation of glycerol carbonate that is used as an intermediate in the synthesis of 
polymers and electrolytic carriers in lithium-ion batteries. 
2. Synthesis of triacetylesthers that can be used in the pharmaceutical, cigarette filter, 
cosmetic, and food industries. 
3. Reformation to produce hydrogen for other commodities. 
 
Figure 3: Cost of refined glycerol in the United States of America from 1995 to 2018 [8]  
Among these applications, the third option has significant benefits. First, hydrogen has 
various prospective applications in the energy sector, including powering vehicles, heating 
buildings, and fueling aircraft; hence, the demand for hydrogen is rising [9, 10]. Second, greater 
than 90% of the world’s hydrogen gas is produced from fossil fuels with steam reforming of 
methane (SRM) contributing to 48% of the total production [7, 11]. Here, comparing the SRM and 
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glycerol steam reforming (GSR) methods finds that the later has the advantage of being 
independent of fossil fuels while also yielding more hydrogen per mole of feedstock source: 
CH4 + H2O ⇌ CO + 3H2  (1) 
C3H8O3 + 3H2O → 3CO2 + 7H2  (2) 
Finally, GSR is thermodynamically possible at atmospheric pressure and temperatures around 600 
⁰C, which is similar to the working environment of the SRM approach [12]. As a result, the GSR 
process can be implemented readily within existing SRM industries [10, 13-18].  
 
 
Figure 4: Global hydrogen production and consumption (Re-drawn) [19] 
At present, hydrogen is mostly used in ammonia production, petroleum refineries, and 
other chemical processes, accounting for shares of 50%, 37%, and 13%, respectively (Fig. 4) [19, 
20]. Of these applications, the production of ammonia from hydrogen is quite important; e.g., about 
50% of the nitrogen atoms in humans today originate from this reaction [21]. Furthermore, in the 
absence of ammonia, half of the current world’s population would be without sufficient food [22]. 
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Specifically, ammonia is used in the preparation of nitrogen fertilizer, which is an essential nutrient 
for the growth and functioning of plants and can increase the crop yield rate by around 30-50% 
[23]. However, the natural nitrogen fixation process only forms a limited amount of reactive 
nitrogen and traditional methods (e.g., manure) are not sufficient to yield the required productivity. 
Therefore, the best possible option to increase agricultural output is using synthetic nitrogen 
fertilizer from the Haber-Bosch ammonia production process. Consequently, nitrogen fertilizer 
consumption has increased from 11.1 Teragram (Tg)/year in 1961 to 119.4 Tg/year in 2018 [24, 
25]. As expected, the global production of ammonia has increased in the similar fashion from 18 
Tg in 1961 to 168 Tg in 2012 (Fig. 5) [26].  
 
Figure 5: Global ammonia production from 1966 to 2012 (Re-drawn) [26] 
Currently, 99% of the global ammonia produced is from the Haber-Bosch process. 
Furthermore, greater than 80% of it is utilized in the preparation of fertilizers while the remaining 
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portion is used as a refrigerant gas and has applications in the manufacturing of fibers, plastics, 
dyes, and explosives [26, 27]. In addition, ammonia can be used as a raw material in the industrial 
preparation of organic amines, inorganic acids, and various ammonium salts. Moreover, it has 
potential use as a hydrogen carrier or as a carbon-neutral liquid fuel. Specifically, hydrogen is a 
relatively good source of energy as only water is produced during its use in internal combustion 
engines or fuel cells. However, the on-board storage of gaseous hydrogen is challenging. Instead, 
storing it in light chemicals like ammonia, methanol, and ethanol enable a higher energy density 
(i.e., liquid fuel). Among these compounds, ammonia may be a preferred option since it does not 
contain carbon; hence, it eliminates potential carbon compound emissions. Furthermore, the 
storage and transportation of ammonia is already in a mature stage; whereas, hydrogen entails a 
new infrastructure requiring a significant investment [19, 28]. Therefore, with the growing demand 
of fertilizers for the rising population and the promising future applications of ammonia, its 
demand is expected to rise.   
 
Figure 6: Flowchart of ammonia synthesis from fossil fuel  
At present, the major share of ammonia is produced by using hydrogen from the SRM 
method while incorporating nitrogen at a respectively high pressure in the presence of an iron 
based catalyst (Fig. 6) [29]. The use of methane, coal, and fuel oil (Fig. 7) in the ammonia synthesis 
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process worldwide produces 420 million tons of CO2 yearly, which represents over 1% of global 
energy related emissions [30]. Hence, replacing methane by glycerol in the existing process 
improves ammonia generation in terms of yield rate (Eqn. 3 and 4; theoretical overall reactions) 
while additionally reducing its dependency on fossil fuels. 
CH4 + 2H2O + 
4
3
N2 → 
8
3
NH3 + CO2  
(3) 
C3H8O3 + 3H2O + 
7
3
N2 → 
14
3
NH3 + 3CO2  
(4) 
Furthermore, glycerol is around 1900 times denser then methane; hence, overall transportation 
costs (both monetary and energy-based) can be minimized by using glycerol as comparatively 
more mass can be transported in a similar sized vehicle. Additionally, glycerol is safer and easier 
to use since it is far less inflammable than methane gas.  
 
 
Figure 7: Feedstock used for ammonia production [30] 
Interestingly, biodiesel plants are usually located nearby farms; e.g., most of the biodiesel 
production plants of Renewable Energy Group, a leading biofuel company, are located in the 
Midwest region in the United States (US) (Table 1), which according to the US Department of 
Natural 
Gas/Methane
72%
Coal 
22%
Fuel Oil 
4%
Others 
2%
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Agriculture is the best location for soybean production [31, 32]. Currently, this is advantageous 
for the farmers. Specifically, biodiesel plants pay slightly higher prices to the farmers for soybeans 
near the biodiesel plant. As a result, US soybean farmers received an additional $2.5 billion in net 
returns over the last four years due to the biodiesel industry’s demand for soybean oil [33]. Hence, 
if a glycerol to ammonia production plant is established nearby a biodiesel fabrication facility, as 
illustrated in Fig. 8, the excess glycerol byproduct can be converted into a value-added fertilizer 
that will increase soybean productivity and soybean-based biodiesel yield. This compounds the 
advantage for the farmer. Moreover, the ammonia production cost will decrease as the 
transportation expenditure of raw material (glycerol) is reduced. Hence, this will strongly benefit 
farming practices while minimizing the potential for “waste” glycerol. In addition, such a plant 
would promote renewable energy by eliminating the direct use of fossil fuels for ammonia 
production. Furthermore, the effective cost of biodiesel can be reduced as the production company 
can generate extra revenue by selling any excess glycerol. Based on all of these advantages, it can 
be inferred that ammonia synthesis from glycerol is an ideal option for this byproduct of the 
biodiesel production process.  
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Table 1: Location of biodiesel production plants of Renewable Energy Groups and the list 
of states with higher soybean oil production [31, 32] 
Location of biodiesel plant [31] States with higher soybean oil 
production [32] 
Alberta Lea, Minnesota Houston, Texas Georgia Minnesota 
Danville, Illinois Mason City, Iowa Illinois Nebraska 
Ralston, Iowa New Boston, Texas Indiana Ohio 
Geismar, Louisina Newton, Iowa Iowa South Carolina 
Grays Harbor, 
Washington 
Okeechobee, Florida Kansas Tennesse 
Madison, Wisconsin Seneca, Illinois Louisana Wisconsin 
 
 
Figure 8: Ammonia cycle in the biodiesel production process 
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As a result, the creation of a glycerol to ammonia production plant has several advantages 
in the environmental and agricultural sectors. Although the direct formation of ammonia from 
glycerol is appealing, catalytic conversion of this reaction to support the claim could not be found 
in the literature. Therefore, the focus of this thesis is to understand more about the conversion of 
glycerol to ammonia and to test the feasibility of the entire process. In order to achieve this 
objective, the study was divided into three major parts, glycerol steam reforming (GSR), water-
gas shift reaction (WGS), and ammonia synthesis reaction. The first two reactors are implemented 
to produce H2. In the third reactor, the H2 gas reacts with N2 to produce ammonia. All of these 
reactions are described separately in more detail in Chapters 2, 3, and 4, respectively.  
In specific, the second chapter of this thesis involves the glycerol steam reforming process 
where the main sources and traditional applications of glycerol are introduced. Moreover, this 
chapter discusses different reforming technologies and various side reactions involved during the 
GSR process. The latter part of this chapter contains a description of the reactor setup and operating 
conditions required for the experiment. This includes the selection of an appropriate catalyst 
among different options like platinum (Pt), nickel (Ni), tin (Sn), palladium (Pd), cobalt (Co), 
copper (Cu), rhodium (Rh), iridium (Ir), and ruthenium (Ru). Furthermore, operating conditions 
(i.e., temperature, pressure, flowrates, and glycerol to water ratio) are selected based on prior 
experimental results and Le Chatelier’s principle. The final part of chapter two discusses the test 
results and compares the findings with previous efforts at KU. 
Similarly, chapter three discusses the WGS reaction that starts with the origin, importance, 
and current industrial practices. The chapter includes the selection of an appropriate catalyst to 
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achieve a maximum CO conversion rate. Moreover, suitable operating conditions along with the 
modifications required to conduct the WGS reaction are discussed, followed by the discussion of 
results. Later in the chapter, different approaches to merge GSR and WGS reaction are considered. 
Finally, the results of the merged experiments are presented.  
The ammonia synthesis reaction, which is considered as one of the more important 
inventions of the 20th century, is discussed in Chapter 4. This chapter includes the advancement in 
the Haber-Bosch process in the past century and discusses the different types of catalysts used in 
ammonia synthesis reaction. Throughout this chapter, two different kinds of catalysts are tested at 
a couple lower pressures and the results are discussed. Finally, the fifth chapter summarizes the 
results found in Chapters 2 through 4 along with the conclusions reached from all experimental 
procedures. Furthermore, this chapter includes suggestions for future research to directly produce 
ammonia from glycerol.       
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Chapter 2: Glycerol Steam Reforming 
2.1 Glycerol Background 
The history of glycerol, an organic molecule belonging to the alcohol group (Table 2), 
dates back to 2800 BC where it was generated as a derivative while producing soap from animal 
fat [2]. More recently, glycerol has made its known existence since the 1800s when the French 
chemist Michel Eugene Chevreul observed it during a study on saponification of fats and oils, and 
named it ‘glycerine’ which is derived from the Greek word ‘glykeros’, meaning sweet [34]. 
Chemically, the term glycerol is preferred in order to indicate its alcohol character [35]. In the 
early 1900s, glycerol was produced from the saponification process and used in food, tobacco, and 
drug additives. The demand for glycerol increased with the introduction of its use as a raw material 
for manufacturing explosives. Specifically, the fabrication of nitroglycerin as the base for 
smokeless gunpowder for all types of ammunitions [36]. As a result, glycerol quickly became a 
tactical military resource and its supply from saponification was not enough to meet the demand 
during World War I. This led to the development of the first synthetic glycerol plant where it was 
produced through microbial sugar fermentation [37]. Although this method met the glycerol 
demand during wartime, it had a low glycerol yield rate and an inefficient distillation process. 
Consequently, in 1943 the German chemical company IG Farben initiated the glycerol production 
process from petroleum feedstock that subsequently outperformed the microbial sugar 
fermentation method with respect to yield rate. Up until the early 2000s, this method was used to 
meet 25% of the global glycerol demand with remaining portion obtained from the previously 
mentioned saponification process [36]. Both of these processes were able to meet the needed 
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commercial use in the cosmetic, soap, pharmaceutical, food, tobacco, and paper industries [38]. 
However, recently the balance between production and usage has been disrupted due to the surplus 
production of glycerol from the biodiesel industry [5]. As a result, presently 68% of the global 
glycerol is produced from the biodiesel industry [39].  
Table 2: Properties of glycerol [5] 
Properties Unit Values 
Molecular formula  C3H5(OH)3 
Molar mass g/mol 92 
Relative density kg/m3 1260 
Viscosity Pa.s 1.41 
Melting point ℃ 18 
Boiling point @ 1 atm ℃ 290 
Flash point ℃ 160 
Specific heat kJ/kg 2435 
Heat of vaporization kJ/k-mol 82.12 
Thermal conductivity W/(m K) 0.28 
Heat of formation kJ/mol 667.8 
Surface tension mN/m 63.4 
pH  7 
Auto flammability ℃ 393 
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2.2 Biodiesel Background 
Biodiesel is a renewable and alternative source of diesel fuel, which consists of fatty acid 
alkyls derived from vegetable oils or animal fats [40]. Although the acceptance of biodiesel as a 
fuel for Compression Ignition (CI) engines has gained significant interest within the last few 
decades, vegetable oil was used as a CI fuel from as early as 1900 when Dr. Rudolph Diesel 
successfully operated his CI engine with peanut oil in the Paris Exhibition [41]. Initially, vegetable 
oil showed promising results as a fuel for internal combustion engines. However, when usage 
durations were extended, various engine problems occurred including injector tips coking, carbon 
deposition, deterioration of lubricating oil, piston ring sticking, and oxidation of vegetable oils [42, 
43]. Even with these issues, vegetable oils were still used as fuel during emergency conditions 
(e.g., World War I and II). However, with the ready availability of inexpensive petroleum-derived 
diesel fuel in the 1920s, the engines were modified to use this fuel subsequently eliminating 
existing engine problems while inspiring the continued development and usage of petroleum fuel 
[44].  
However, the oil crisis in the 1970s once again generated interest in vegetable oils as a 
possible replacement for petroleum because of its easier availability, renewability, higher heat 
content, lower sulfur content, lower aromatic content, and biodegradability. As a result, the United 
States (US) government initiated various polices to motivate the usage of vegetable oils and 
biofuels to minimize dependency on imported petroleum products while reducing greenhouse gas 
(GHG) emissions. For example, in 1978 the Energy Tax Act was introduced to provide tax 
exemptions and subsidies for the blending of ethanol in gasoline [45]. Simultaneously, efforts in 
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improving the quality of vegetable oil were considered in order to minimize their negative impacts 
on engine performance and emissions. Here, the primary reasons for the issues related to the use 
of vegetable oil were attributed to their relatively high viscosities and low volatilities [41]. 
Therefore, in order to minimize the viscosity of vegetable oil it was blended with diesel fuel. 
Moreover, other chemical processes like microemulsification, pyrolysis, and transesterification 
were tried. Specifically, the use of microemulsification reduced the viscosity but resulted in carbon 
deposition and lubricating oil contamination. Comparatively, between pyrolysis and 
transesterification, the latter is considered to be the more suitable process to reduce viscosity 
without negatively impacting the engine [46]. 
Transesterification is a chemical process in which vegetable oils or animal fats react with 
alcohol in the presence of a catalyst to produce glycerol and biodiesel. Chemically, vegetable oils 
or animal fats are esters of saturated and unsaturated monocarboxylic acids with the trihydric 
alcohol glyceride. During the transesterification process, another alcohol displaces alcohol in this 
ester (triglyceride); hence, this reaction is also called alcoholysis. The chemical reaction for 
transesterification is expressed in Fig. 9. 
 
Figure 9: Transesterification process highlighting the production of glycerol and fatty acid 
esters (i.e., biodiesel) 
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On the reactant side, methanol is the most frequently used alcohol because of its relatively 
low cost. Similarly, alkaline catalysts (e.g., NaOH, KOH, and NaOCH3) are preferred since they 
are faster than acid-based catalysts and a lower amount is sufficient to complete the reaction. On 
the product side, the mixture of fatty acid esters indicates the chemical expression for biodiesel 
whose viscosity decreases from the feedstock oil after the transesterification process. Furthermore, 
as shown in Table 3, the properties of biodiesel (e.g., heating value, Cetane Number, and flash 
point) are similar to those of petroleum diesel fuels [47]. In addition, a lower concentration of 
biodiesel can be blended with diesel to run effectively in a conventional and unmodified engine 
unlike vegetable oils. Moreover, the use of biodiesel has several environmental benefits [41, 47]: 
1. Since it is mostly prepared using plants as the feedstock (Fig. 1), GHG emissions are 
reduced. 
2. It minimizes dependency on petroleum imports as it can be produced domestically. 
3. It is non-toxic and degrades four times faster than petroleum diesel fuels. 
4. In comparison to conventional diesel, during combustion it can considerably reduce the 
generation of sulfur oxides, particulate matter (PM), hydrocarbons, and soot.  
5. The risk of transporting and storing biodiesel is lower than diesel since it is 
biodegradable and has a higher flash point.  
As a result of these advantages and the comparative properties of biodiesel with diesel, it is 
considered a good candidate for diesel fuel substitution.  
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Table 3: Properties of biodiesel and diesel fuels [48] 
Diesel/Vegetable Oil 
Used for Biodiesel 
Kinematic 
Viscosity (mm2/s) 
Cetane 
Number 
Lower Heating 
Value (MJ/L) 
Flash 
Point (°C) 
Diesel 3.5-12 ( 30°C) 51 35.5 - 
Peanut 4.9 ( 37.8°C) 54 33.6 176 
Soybean 4.5 ( 37.8°C) 45 33.5 178 
Palm 5.7 ( 37.8°C) 62 33.5 164 
Sunflower 4.6 ( 37.8°C) 49 33.5 183 
  
 A simplified flowchart to produce biodiesel is illustrated in Fig. 10. For the inlet feedstock 
in the transesterification process, vegetable oils are the most commonly employed raw materials. 
However, with a growing population and increasing demand of vegetable oils for food, interest in 
the cultivation of non-edible and drought tolerant oil seed plants grown on non-arable land has 
developed. As a result, waste cooking oil, grease, jatropha seed oil (able to grow in desert 
conditions or wasteland), and algae are also used as raw materials for biodiesel production [7]. 
Before starting the transesterification process, these feedstocks are pre-treated to limit the 
maximum amount of free fatty acids (FFAs) to 2.5% by weight. This pretreatment is necessary 
because oils or fats with a FFA content over 2.5% reacts undesirably with the alkali catalyst to 
form soap. This pre-treated oil then reacts with the mixture of catalyst and alcohol to form glycerol 
and biodiesel. The glycerol phase is significantly denser than the biodiesel component and settles 
at the bottom of the vessel separated from biodiesel in the upper portion. Since both of the products 
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are contaminated with unreacted catalyst, alcohol, and oil, they are often purified before usage. 
Biodiesel, being the main product, is refined on-site by implementing three purification 
approaches: water washing, dry washing, and membrane washing. However, the purification 
process of glycerol is less certain. For instance, bigger industries (e.g., Cargill Inc.) often have a 
glycerol refinery constructed near their biodiesel plant while smaller scale companies might dump 
the crude glycerol [49, 50].  
 
Figure 10: Simplified process flow for biodiesel production 
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2.3 Crude Glycerol  
During the transesterification process, for every 10 grams of biodiesel, 1 gram of crude 
glycerol is formed as a byproduct. The composition of the crude glycerol depends on the biomass 
feedstock or catalyst used. For example, when using seed oils, the crude glycerol consists of around 
62.5% to 76.6% glycerol; whereas, only 20% glycerol is extracted when jatropha oil is employed 
as the raw material [7]. Generally, glycerol, ash, water, and small traces of the alkaline catalyst 
compound are present in the crude glycerol (Table 4). The different composition and amount of 
these compounds as a function of the inlet feedstock makes the purification process rather 
complex. Usually, the refinement of crude glycerol is accomplished via three steps. First, it is 
washed with a strong acid that divides it into three layers: the unreacted fatty acid is located at the 
top, inorganic salts are in the bottom layer, and the mixture of glycerol, alcohol, and water are 
sandwiched between these two layers [7]. The purity of the glycerol after the first step is usually 
above 80% but this depends on the pH levels of acid used in the washing process. For example, 
Kongjao et al. obtained 93.34% pure glycerol when washing the crude glycerol with sulfuric acid 
(pH = 1) followed by neutralization with 12.5 M NaOH [51]. The glycerol after the first stage still 
contains some impurities including ash, water, and alcohol; hence, a second stage of purification 
involving a vacuum distillation process is carried out to separate the alcohol from the mixture. 
Finally, in the third stage, deep refining techniques, such as ion exchange, activated carbon 
absorption, and membrane separation, are applied to generate a high purity glycerol product (> 
95% by weight).  
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Table 4: Crude glycerol composition examples by weight and by volume 
Composition Glycerol  Methanol, Water, and 
Other Components 
Ash Catalyst  
By weight [52] 50 ± 4.6% 42.9 ± 3.3% 4.3± 0.3% - 
By volume [53] 67% 31%  - 2% 
 
The implementation of all of these processes makes the purification procedure rather 
expensive. For example, 99.7% pure glycerol is more than five times more costly than the 80% 
crude glycerol in the USA [54].Typically, since small and medium scale biodiesel plants cannot 
afford the purification process, they either sell the unrefined glycerol to the purification plants or 
use it directly. The simplest application is to combust it for energy; however, this is an inconvenient 
process because of its low heating value and high self-ignition temperature while also generating 
a number of hazardous emissions. Other direct utilization opportunities include: animal feeds, 
anaerobic co-digestion, and biological conversions [55]. However, not all of these applications add 
significant value to the crude glycerol. Furthermore, crude glycerol production has grown 
significantly along with the increase in production of biodiesel (Fig. 2). As a result, it is currently 
oversupplied; hence, it has become a waste problem in countries like Malaysia where its low 
market value and high purification cost make it unattractive as a resource [49]. Therefore, the 
development of low-cost methodologies for the conversion of crude glycerol to higher value 
products is essential to add value to the biodiesel production process.  
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Figure 11: Traditional applications of glycerol in the industry [55] 
Overall, glycerol has more than 1500 uses in the personal care, chemical industry, textile 
industry, food industry, and medical sectors. Investigating the traditional applications of glycerol 
and possible future pathways in Fig. 11 and Fig. 12, respectively, finds significant opportunities 
to employ it as a low-cost feedstock. Among these future options, it appears that the research field 
has focused on the production of 1, 3-propanediol (1, 3-PD), 1, 2-propanediol (1, 2-PD), polymers 
(polyesters, polyether, propene), and syngas. Specifically, the possible applications of 1, 3-PD in 
polymers, cosmetics, food adhesives, lubricants, laminates, solvents, antifreeze, and medicine 
makes it an important chemical. Moreover, promising results in the production of 1, 3-PD from 
unrefined glycerol makes this compound a possible application of crude glycerol [56]. Likewise, 
1, 2-PD is used in the synthesis of pharmaceuticals, polymers, agricultural adjuvants, plastics, 
transportation fuels, hydraulic fluids, cosmetics, and antifreeze. Currently, 1, 2-PD is produced 
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from fossil resources; therefore, its synthesis from bio-derived glycerol is an attractive opportunity 
[57]. Similarly, propene is a significant raw material for the synthesis of polypropylene, a polymer 
compound, which has several applications in food packaging, hygiene and cleaning products, toys, 
hospital supplies, car parts, and fabrics. Similar to 1, 2-PD, fossil fuels are typically used to 
synthesize propene [55]; hence, the use of glycerol would promote a renewable energy pathway to 
propene.  
 
Figure 12: Possible chemical pathways and products for glycerol [55] 
Despite these possible applications, the use of crude glycerol is limited by its degree of 
purity since impurities influence its physical and chemical properties. For example, the production 
of propene is accomplished through a catalytic process that requires a high glycerol purity to 
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minimize catalyst deactivation and increase the propene yield rate. Furthermore, the demands of 
these applications are comparatively lower than the amount of annual glycerol production. For 
instance, the demand of 1, 3-PD is expected to be around 0.15 Megatons per year by 2019 and 1 
Megatons of 1, 2-PD is produced each year, while the annual production of glycerol is expected 
to be 4.5 Megatons by 2020 [55]. Therefore, there is a significant need of other applications to 
utilize the excess glycerol.  
In this aspect, the production of hydrogen from glycerol is an ideal option as its global 
demand is high enough to utilize all of the excess glycerol. According to the US Department of 
Energy, the global production/demand of hydrogen in 2017 was 65 Megatons, which is 15 times 
more than the worldwide glycerol produced per year [58]. Furthermore, studies suggest that 
minimum purification of crude glycerol is sufficient to produce hydrogen gas, which significantly 
reduces the refining cost. This was illustrated in a glycerol-reforming test at the University of 
Kansas (KU), employing catalytic conversion experiments using pure glycerol, crude glycerol, and 
5 M acetic acid washed glycerol. According to the results, reforming using the acid-washed 
glycerol outperformed pure glycerol reforming in terms of catalytic life and activity. Furthermore, 
it demonstrated dramatic improvements over crude glycerol reforming with an increased catalytic 
activity and glycerol conversion rate [50]. As a result, two major future crude glycerol application 
issues (i.e., limited market demand and need of expensive purification) can be resolved by 
converting glycerol to hydrogen. The major techniques to convert glycerol into hydrogen are 
pyrolysis and reforming. Between them, the latter is considered as the most promising option 
because of its higher efficiency and ability to enhance the amount of hydrogen in the product [13].  
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2.4 Glycerol Reforming  
The general reaction for glycerol reforming can be expressed as [59]: 
C3H8O3 + xH2O + yO2 → aCO2 + bCO + cH2O + dH2+ eCH4  (5) 
Overall, the reforming process can be classified into different groups based on the reactor 
conditions and the ratios of the reactants. The five most common glycerol reforming processes are: 
steam reforming (SR), partial oxidation reforming (POR), auto-thermal reforming (ATR), 
aqueous-phase reforming (APR), and supercritical water reforming (SWR). The main reactions 
involved in these processes are [60]: 
C3H8O3 + 3H2O → 3CO2 + 7H2, ∆H = +128 kJ/mol  (6) 
CO + H2O ↔ CO2 + H2, ∆H = -41 kJ/mol  (7) 
C3H8O3 → 3CO + 4H2, ∆H = +250 kJ/mol (8) 
CO2+ 4H2 ↔ CH4 + 2H2O, ∆H = -165 kJ/mol (9) 
C3H8O3 + O2 → CO + 2CO2 + 4H2, ∆H = -315 kJ/mol (10) 
C3H8O3 + 1.5O2 → 3CO2 + 4H2, ∆H = -598 kJ/mol (11) 
C3H8O3 + 3.5O2 → 3CO2 + 4H2O, ∆H = -1565 kJ/mol (12) 
C3H8O3 → 4H2 +  3CO2 , ∆H = -250 kJ/mol (13) 
H2 + CO ↔ C + H2O, ∆H = -131 kJ/mol (14) 
CH4 ↔ 2H2 + C, ∆H = +75 kJ/mol (15) 
2CO ↔ CO2+ C , ∆H = -172 kJ/mol (16) 
Here, glycerol steam reforming (GSR) is an endothermic process where glycerol reacts with steam 
to produce hydrogen and carbon dioxide in the presence of a catalyst. Eqn. 6 represents the global 
reaction expression for GSR where seven moles of hydrogen are produced per mole of glycerol. 
Note that carbon monoxide and water are often produced during this process via Eqn. 8 and 9. The 
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optimum operating conditions for the GSR process are reported to be about 1 atm pressure and a 
temperature range of 525-725°C [10, 60]. 
Unlike GSR, partial oxidation reforming (POR) is an exothermic process that can be 
represented by Eqn. 11 or 12. For this method, glycerol is reacted with oxygen under lean 
conditions in order to generate carbon dioxide and hydrogen or water (or a combination of both). 
Along with being self-sustaining because of its exothermic nature, this process can be conducted 
in the absence of a catalyst.  
 The auto-thermal reforming (ATR) process combines the effects of POR and GSR, 
reacting glycerol, air, and water in the presence of a catalyst. In this process, ideally the reactor 
itself supplies the amount of heat required for the reaction, avoiding the need of an external power 
supply. However, this reforming technique has a reduced hydrogen yield in comparison to the GSR 
process alone. The ATR method is reported to provide better results when the temperature is in 
the range of 600-1100°C and pressure is at 1 atm [10, 60].  
In contrast to the previously mentioned three methods, the aqueous phase reforming (APR) 
process expressed by Eqn. 6 occurs at a relatively higher pressure (59 atm) and at lower 
temperatures (270C) [60]. This method offers several advantages over GSR including: 
1. Greater heat recovery efficiency since the effluent phase is liquid. 
2. Lower energy cost because APR does not need a steam input. 
However, its disadvantages in comparison to GSR are: 
1. Reduced selectivity of hydrogen as other reactions are formed at lower temperatures. 
2. Difficulties with the selection of appropriate catalysts. 
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Similar to the APR method, the supercritical water reforming (SWR) reaction occurs at a 
relatively high pressure and low temperature (218 atm and 374C). At these operating parameters, 
water is at its critical condition that provides interesting properties like low viscosity, high 
diffusivity, and low dielectric constant. As a result, this process provides a higher space-time yield 
while reducing mass transfer constraints, subsequently making this an attractive technique. Other 
advantages of the SWR method are:  
1. Hydrogen is produced under high pressure and can therefore be stored in cylinders, 
requiring less energy for its compression.  
2. Even without the addition of catalyst, conversion of glycerol is almost complete. 
3. Reduction in production of carbon monoxide gas. 
However, this methodology does incur some drawbacks; e.g., a greater yield of hydrogen is 
possible only at higher temperatures. Therefore, the required infrastructure that supports the 
needed pressure and temperature is costly which makes the SWR process economically 
unattractive. 
Table 5 provides the operating conditions and conversion percentages of glycerol for the 
different methods discussed. An analysis of these reforming techniques suggests that POR and 
ATR methods have the advantages of operating at atmospheric pressure, but they require higher 
temperatures and the supply of oxygen needs to be controlled properly for the best results. 
Alternatively, APR and SWR processes are preferable at lower temperatures; however, they need 
a greater pressure which makes them economically infeasible. Comparatively, GSR is 
thermodynamically suitable at an atmospheric pressure and relatively lower temperatures. 
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Furthermore, this method facilitates hydrogen production without significant changes in the 
current hydrogen production industry. Moreover, hydrogen yield rate for the GSR method is 
relatively greater in comparison to other methods. Due to these advantages, GSR is the most 
commonly used glycerol reforming method and it also used this study to convert excess glycerol 
to hydrogen and later to ammonia.  
Table 5: Summary of experimental parameters for glycerol reforming processes [10, 60] 
Process Temperature  Pressure   C3H8O3 
Conversion 
H2 Yield 
Steam reforming 300-700 C 1 atm 100% 54.3-70.4% 
Partial oxidation 550-750 C 1 atm  40-70% 67-69% 
Autothermal reforming 900-1200 C 1 atm 100% 79% 
Aqueous phase reforming 225 C  27.2 atm 100% 50-100% 
Supercritical water 
reforming 
380-500 C 247 atm 100% 60% 
 
2.5 Catalyst Selection 
Catalysts are essential for steam reforming reactions to lower the activation energy and 
promote the cleavage of C-C, O-H, and C-H bonds while maintaining the C-O union [60]. 
Therefore, the selected catalyst must be highly active and stable, generate the smallest amount of 
coke, be sintering-resistant, and not facilitate undesirable parallel reactions (e.g., methanation) 
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[59]. In this regard, several elements have been studied, including platinum (Pt), nickel (Ni), tin 
(Sn), palladium (Pd), cobalt (Co), copper (Cu), rhodium (Rh), iridium (Ir), and ruthenium (Ru). 
The hydrogen yield rate for some these elements have been reported to be in the order of Ru ≈ Rh 
> Ni > Ir > Co > Pt > Pd > Fe for similar operating conditions [58]. In another study, Papageridis 
et al. suggested that noble metal based catalysts have superior activity and stability during GSR; 
however, their industrial application is limited because of their higher cost [60]. As a result, 
relatively cheaper elements like nickel, cobalt, and copper-based catalysts have gained interest. 
When testing Ni, Co, and Cu catalysts under similar conditions, Papageridis et al. observed that 
Ni had a comparatively higher glycerol conversion rate because of its superior capacity to promote 
the breakage of the C-C bond (Table 6) [60]. 
Similarly, Bobadilla et al. state that nickel is the most used active metal for glycerol steam 
reforming because of its good activity for C-C, C-O, and C-H bond cleavage, as well as its ability 
to remove the adsorbed CO through the WGS reaction (Eqn. 7) [61]. As a result, Ni-based catalysts 
have been extensively studied because of their lower price in comparison to other metals and their 
existing usage in petroleum and natural gas refineries [62, 63]. Moreover, Suffredini et al. 
mentioned that both Pt and Ni-based catalysts are effective in the cleavage of C-C and C-H bonds 
while preserving the C-O bond (Fig. 13); hence, they have emerged as the primary active catalysts 
for GSR [64]. Furthermore, Ni has advantages over Pt primarily due to its lower cost and ability 
to break the C-C bond. Unfortunately, Ni-based catalysts can promote catalyst deactivation by 
forming carbon on the surface (i.e., coking). However, carbon deposition can be inhibited by 
adjusting the catalyst structure or by adding various promoters [64].  
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Figure 13 Reaction mechanism of glycerol over Pt and Ni surfaces [13] 
Generally, catalysis is a heterogeneous process taking place on the surface of a solid 
material and catalyst activity can be greatly increased with a higher surface area [13]. One 
methodology to generate a large surface area is to decrease the size of the catalytic material. 
However, excessive reduction in catalyst particle size can result in a high density of unsaturated 
coordinated atoms that increases the tendency of sintering. Consequently, the surface area will be 
reduced along with the catalytic activity. One way to maintain the activity of the small particles is 
to introduce supporting materials, which interact with the catalytic material to reduce sintering 
effects [7]. In an effort to improve the stability and activity of the GSR reaction, a variety of metal 
oxide supports, including MgO, CaO, SiO2, CeO2, MgO, ZrO2, Al2O3, and Y2O3, have been studied 
[65]. Among them, aluminum oxide (Al2O3) has attracted considerable interest due to its high 
specific surface area along with its mechanical and chemical resistance under typical reaction 
conditions [14, 65]. Generally, two types of aluminum oxide supports, namely gamma alumina (γ-
Al2O3) and alpha alumina (α-Al2O3), are used in the industry. After studying the effects of these 
supports on ethanol steam reforming, Alberton et al. suggest that nickel supported on γ-Al2O3 has 
superior activity over α-Al2O3 as Ni particles are more dispersed on γ-Al2O3 [66]. 
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Table 6: Summary of experimental results for GSR reaction 
Catalyst Operating Conditions Results 
Ir/CeO2 400°C, 11,000 h-1 
GHSVa 
C3H8O3 conversion = 100%; H2 selectivity 
= 85% [10] 
Ru/Y2O3 600°C, 1 atm, 3.3 S/Cb  H2 yield = 82.8% [10] 
Pt/Al2O3 880°C, 1 atm, 2.5 S/C C3H8O3 conversion = 100%; H2 selectivity 
= 70% [10] 
Pd/Ni/Cu/K/γ-Al2O3 850°C, 1 atm, 3.0 S/C H2 yield = 42% [10] 
Ni/Al2O3 750°C, 1 atm, 4 S/C  H2 yield = 45% [10] 
Ni/Al2O3 600 °C, 1 atm, 3 S/C, 
6.6 h-1 WHSVc 
Mole of H2/mole of C3H8O3 = 5.5 [14] 
Ni/γ-Al2O3 750 °C, 1 atm, 3, 
10,000 h-1 GHSV 
C3H8O3 conversion = 94.1%; H2 selectivity 
= 65.3% [15] 
Co-Ni/Al2O3 550°C, 1 atm, 3.98 S/C Mole of H2/mole of C3H8O3 = 5.5212 [16] 
Ru/Al2O3 500°C, 1 atm, 3 S/C H2 yield = 45% [18] 
Ni-Fe-Ce/Al2O3 550°C, 1 atm, 6.82 S/C H2 yield = 65% [67] 
Ni/mg/γ-Al2O3 600°C, 1 atm, 9:1 WGd C3H8O3 conversion = 91%; H2 selectivity = 
70% [68] 
Ni/γ-Al2O3/CeO2 500°C, 4 atm, 10% 
glycerol by weight 
C3H8O3 conversion = 100%; H2 yield = 
80.2% [62] 
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GHSVa: Gas hourly space velocity; S/Cb: Steam to carbon ratio; WHSVc: Weight hourly space 
velocity; WGd: Water to gas ratio  
Overall, the operating conditions and the composition of the products for the GSR reaction 
using the prior mentioned catalysts and supports are summarized in Table 6. According to the 
results, the glycerol conversion rate and hydrogen yield rate using Ni, Ru, Pt, Pd, and Ir are fairly 
identical. However, when comparing the cost of these metals in Table 7, it is seen that the price of 
nickel is at least 500 times cheaper than the other metals. Based on these findings, nickel-based 
catalysts are among the most active and inexpensive metals for GSR. Furthermore, their catalytic 
activity can be enhanced using γ-Al2O3 as a support. Therefore, a nickel-based catalyst supported 
by gamma aluminum oxides was used in this study.  
 
Pt/γ-Al2O3 350°C, 10% glycerol 
by weight 
H2 selectivity = 61.1% [13] 
Ni/γ-Al2O3 700°C, 3:1 WG H2 selectivity = 78% [13] 
Ni-
Sn/MgO/CeO2/Al2O3 
750°C, 3:1 WG C3H8O3 conversion = 80%; H2 selectivity= 
49.6% [13] 
Ni-Pd-Cu-K/γ-Al2O3 800°C, 3:1 WG H2 selectivity = 60% [13] 
Ni/Al2O3 600°C, 6:1 WG H2 selectivity = 69.9% [65] 
Co-Ni/Al2O3 700°C, 6:1 WG H2 selectivity = 60.0% [65] 
Ni-Cu/Al2O3 800°C, 9:1 WG H2 selectivity = 70.0% [65] 
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Table 7: Cost of different metals used as a catalyst in GSR reaction [69] 
Metal Cost ($/lb) 
Nickel (Ni) 6.29 
Aluminum (Al) 0.95 
Platinum (Pt) 13,184 
Palladium (Pd) 14,720 
Iridium (Ir) 22,640 
Rhodium (Rh) 36,320 
Ruthenium (Ru) 4,000 
 
2.6 Selection of Operating Parameters 
As there are several potential reaction pathways for the GSR process (Fig. 14), it is critical 
to select suitable operating conditions for the maximum conversion of glycerol along with 
increasing the hydrogen yield rate for the selected catalyst [10]. Different thermodynamic [70-75] 
and experimental studies [10, 13-16, 18, 62, 65, 67, 68] have been performed for the GSR method 
to provide estimates for product gas compositions over a range of operating conditions.  
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Figure 14: Different possible reaction pathway during glycerol steam reforming [10] 
The five main parameters to be considered during the GSR reaction include temperature, 
pressure, water to glycerol feed ratio, ratio of reactants to inert gas, and the feed gas flow rate 
(residence time) [72]. Chen et al., suggest that the optimum reaction conditions for hydrogen 
production are high temperatures, low pressures, low reactant to carrier gas fed rates, and a low 
gas flow rate. Furthermore, they found that among all these parameters, the water to glycerol ratio 
is the most significant factor in determining the glycerol conversion rate with an optimum ratio 
around 9 [72]. Likewise, Adhikari et al. suggested that the optimum pressure and the best water to 
glycerol molar ratio are 1 atm and 9, respectively [70]. Moreover, they said that the most suitable 
temperature for the GSR process is 960 K (687 °C).  
Generally, the ideal operating conditions for the GSR reaction can be approximated by 
implementing Le Chatelier’s principle which states that equilibrium of a system will always be 
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displaced in such a way as to minimize the changes imposed from outside the system. Hence, 
equilibrium can be affected by changing concentration of the constituent along with modifying the 
pressure and temperature. As a result, implementing Le Chatelier’s principle for the glycerol steam 
reforming reaction represented by Eqn. 6 generates the following points: 
1. When the concentration of H2O is increased, the reaction moves in the forward 
direction to decrease the concentration of H2O. Likewise, if the H2 in the products is 
removed, the reaction again moves in forward direction to reproduce the lost hydrogen. 
Both these methods enhance the production of hydrogen. 
2. Pressure can be related to the number of molecules in a container. If the pressure is 
increased in a reaction, it tends to move in the direction with lowest number of 
molecules. So, if the pressure in Eqn. 6 is increased, it will shift towards the reverse 
direction as the number of moles are less (4) than in forward direction (10). Hence, to 
produce greater number of moles of hydrogen, the pressure of the system should be 
minimized. 
3. The reaction always tends to minimize the effect of temperature change. Therefore, 
when the temperature of Eqn. 6 is enhanced, it will shift in the forward direction 
because this direction is endothermic and will minimize the increased temperature 
effect.  
Therefore, maximum theoretical production of hydrogen is possible at higher concentrations of 
water, lower pressures, and at a greater reactor temperature. However, these facts are limited by 
cost, equipment setup, and the nature of the catalyst. Pant et al. has stated that hydrogen generation 
35 
 
 
increases with temperature from 773 to 993 K, but at 1023 K, coke formation was significant and 
hydrogen generation reduced drastically [76]. In addition, this reduction at high temperatures may 
also be linked to the sintering of the catalyst. Furthermore, higher concentrations of water (above 
a glycerol to water molar ratio of 9) increases the vaporization cost [60].  
According to the thermodynamic analysis, Le Chatelier’s principle, and experimental 
studies, the best results for the glycerol steam reforming process are obtained at temperatures in 
the range of 500 °C to 750 °C, atmospheric pressure, and water to glycerol ratios of 9 to 12. 
Therefore, similar operating conditions are used in this study.  
2.7 Catalyst Loading 
The catalyst used in the GSR reaction is a commercially available Ni/γ-Al2O3 catalyst that 
was inherited [50]. According to the previous author [50], this catalyst was also known as Octolyst 
1001 and was donated by the Evonik Degussa Corporation. The physico-chemical data, including 
the total nickel content and the diameter of the catalyst, are tabulated in Table 8. The given catalyst 
of diameter 1.5-1.7 mm was grounded to a 60 mesh (around 0.250 mm) before loading into a quartz 
reactor tube.  
Table 8: Physio-chemical data for Octolyst 1001 [50] 
Parameters Values 
Total nickel content 14%-17% 
Diameter 1.5-1.7 mm 
Bulk density 700-900 kg/m3 
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BET surface area >150 m2/g 
 
The catalyst bed was filled with 0.2 grams of ground Ni/γ-Al2O3 and loaded into a quartz 
tube (GM Associates, part # 6030-02) held in place by quartz wool plugs (Acros Organics, part # 
451040100) inserted into both the top and bottom of the reactor system. Specifically, the following 
steps were taken to generate the experimental setup: 
1. A quartz tube of 9.52 mm (±0.003 in) outer diameter (OD), 6 mm inner diameter (ID), 
and a length of 1 foot was used.  
2. Quartz wool was inserted into the tube with thickness set to 3 mm. 
3. 0.05 gm of grounded catalyst was placed over the quartz wool followed by the addition 
of 0.05 gm of inert SiO2.  
4. The addition of a catalyst and SiO2 continued until 0.2 gm of catalyst was added. 
5. Finally, the catalyst was covered with another quartz wool of length 3 mm and the 
overall weight of the tube was noted to compare it with the weight after the reaction. 
2.8 Reactor Setup 
After loading the catalyst, the reactor tube (Fig. 15) was added to the reactor system via 
Swagelok connections (Fig. 16). During the experiments, the reactor system was fed by 5% H2 in 
argon or 5% N2 in argon with both gases purchased from Matheson. Specifically, 5% H2 in argon 
(part # LW314) was used for catalyst reduction; whereas, 5% N2 in argon (part # SX G2696371) 
was used as a carrier gas for the GSR analysis. The gases were supplied to the reactor by a 1⁄8-
inch Swagelok stainless steel-connected system. The flowrate of the gas was adjusted by the 
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combination of Porter mass flow controllers (MFC) (Parker Porter, part # 201-FKASVBAA, 
±1%), a Porter CM4 control module (Parker Porter, part # CM4, ±0.05%), and an Agilent 
anemometer (Agilent Technologies, part # 067-0223, ±5%). The mixture of water and glycerol 
was added to the system by a syringe pump (initially, Kent scientific genie plus pump, # 2995, 
later, New Era Pump Systems, # SyringeONE: 100-OEM, ±1%). As discussed in Section 2.6, the 
production of hydrogen can be increased by adding more water to the system but above a water to 
glycerol ratio of 9:1, the cost will be higher due to an increasing vaporization requirement. 
Therefore, the water and glycerol mixture were added at a molar ratio of 9:1. The mixture was 
loaded into a 50 ml Hamilton gas tight syringe (Hamilton, part # 85020) and it was installed into 
the syringe pump. A 260 Watts Omega heating tape supplied heat to the portion of the Swagelok 
stainless steel between the reactor tube and the point where syringe pump is added in order to 
preheat the mixture before reaching the reactor. 
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Figure 15: Schematic of reactor tube experimental setup 
The reactor temperature was controlled by a temperature controller (Omega, part # CN6000 
PID, ±0.2%) connected to a K-type thermocouple (±0.75%) inserted directly adjacent to the 
catalytic bed within the furnace. The controller was used to regulate a 25-amp solid-state relay that 
modulated a ceramic resistive heating furnace. The furnace consists of two semi-cylindrical 
ceramic fiber heaters (Watlow part # VS402A06S-000AR) that were assembled to make an open-
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holed cylindrical heater with 2” ID and a length of 6”. The power output for each semi-cylindrical 
heater was 275 Watts. 
 
(1) 5% nitrogen gas in argon; (2) 5% hydrogen gas in argon; (3) Mass flow controller (MFC); (4) 
MFC control module; (5) Flowmeter; (6) Syringe pump to supply glycerol and water mixture; (7) 
Furnace surrounding the reactor; (8) Temperature controller attached with thermocouple; (9) 
Cooling system to condensate water vapor in the product; (10) Gas chromatograph (GC)  
Figure 16: Schematic of GSR experimental setup 
After leaving the reactor, the gaseous mixture was directed to a cooling system where the 
gases flow through a condenser for the condensation of liquid products. The condensate was 
collected in a vessel while the remaining gaseous mixture was passed through Drierite (W.A. 
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Hammond, part # 21001) for the absorption of remaining water vapor. The dried gas was then fed 
to a gas chromatograph (GC) (Agilent Technologies, model # 7890B) for analysis. The condenser 
was prepared by carefully making eight coils of Swagelok stainless steel 1/8” tubing and placing 
it within an ice bath. The outlet section of the condenser was connected to a two-mouthed 1000 ml 
glass collection vessel (Synthware, part # SYNF41241L-1EA) that was also placed in the ice bath. 
The outlet mouth of the collection vessel led to the Drierite and then to the GC.  
2.9 Operating Conditions 
 The first objective of the thesis was to reproduce the results previously obtained at the 
University of Kansas. Therefore, most of the initial operating parameters for GSR including 
flowrates (0.15 ml/min, 50 cm3/min), temperatures (650 °C), and gas hourly space velocities 
(GHSV, 44000 hr-1) are based on the previous study [50]. At the beginning of the GSR test, the 
reaction quartz tube was fed with 5% H2 in argon at a flow rate of 50 ml/min for an hour and a half 
at 600 °C in order to reduce the catalyst. This reduction process is essential in minimizing the free 
or weakly interacting compounds such as NiO while promoting metallic nickel species (Ni0) that 
increases the catalytic activity [9, 65]. Then, 5% N2 in argon was supplied for another ten minutes. 
In the meantime, the temperature of the furnace was increased to 650 °C at a rate of 12.5 °C/min 
and the heating tape was switched on. Once the temperature of the furnace was stable (i.e., the 
temperature does not vary by 0.75% over 2 minutes), the syringe pump was engaged to supply the 
reactant at a flow rate of 0.15 ml/min. The carrier gas flow rate was set at 50 ml/min. The gas 
hourly space velocity (GHSV) was maintained at around 44000 hr-1. The results from the GC were 
noted on an hourly basis.  
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The GC used for the test was controlled by ChemStation OpenLAB CDS software. The 
Agilent GC was equipped with three Thermal Conductivity Detectors (TCDs) and five columns. 
The front TCD was used to detect and analyze N2, O2, CH4, and CO; whereas, H2 was sensed by 
the side TCD and the back TCD identified NH3, CO2, and other larger molecules. The operating 
parameters set in the GC are shown in Tables 9-13. 
Table 9: Parameters for valves at the gas chromatograph 
Events Valve On/Off 
0.01 min 1 On 
0.01 min 2 On 
0.5 min 1 Off 
0.5 min 2 Off 
3 min 3 On 
5 min 3 Off 
 
Table 10: Inlet parameters for the gas chromatograph 
Parameters Front inlet Back inlet 
Heater 200 °C 200 °C 
Pressure 22.732 psi 24.986 psi 
Total flow 33 ml/min 33 ml/min 
Septum purge flow 3 ml/min 3 ml/min 
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Split ratio 2:1 2:1 
Split flowrate 20 ml/min 20 ml/min 
 
Table 11: Column parameters for the gas chromatograph 
Columns Flowrate (ml/min)  Pressure (psi) 
1 10 22.732 
2 10 22.732 
3 34.3 17.940 
4 10 24.986 
5 10 19.796 
 
Table 12: Parameters for detectors in the gas chromatograph 
Parameters Front/Back/Side 
Heater (°C) 250 
Reference flow (ml/min) 20 
Make up flow (ml/min) 5 
 
 
43 
 
 
Table 13: Oven parameters for the gas chromatograph 
Rate Value  Hold time 
- 50 °C 1 min 
15 °C/min 170 °C 2 min 
 
2.10 Results and Discussions  
2.10.1 Catalyst Characterization 
The surface area and pore volume of the catalyst was determined by applying the Brunauer-
Emmett-Teller (BET) method that uses the adsorption of inert gases (N2 and Ar) to measure the 
surface area contained in mesopores and micropores [77]. This information is essential as low 
surface areas and small pore diameters can indicate that the catalyst is not performing at a 
kinetically optimum rate [50]. The BET analysis was performed at Allgeier Research Group, KU 
by using a Micromeritics Instrument ASAP 2020 (accuracy > 0.15%). According to the results, 
the BET surface area and pore volume of the Ni/γ-Al2O3 catalyst was 285±0.15% m
2/g and 
0.62±0.15% cm3/g, respectively with an average pore diameter of 8.6±0.15% nm.  
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Figure 17: TEM image of fresh Ni/γ-Al2O3 catalyst 
Similarly, transmission electron microscopy (TEM), scanning electron microscopy (SEM), 
and energy-dispersive X-ray spectroscopy (EDX) methods were used to evaluate the average metal 
particle size and their loading concentration in the catalyst. All three analyses were conducted at 
the Microscopy and Analytical Imaging Laboratory at KU. Here, a FEI, Tecnai F20 200 kV 
transmission electron microscope with a line resolution of 0.12 nm was used for the TEM analysis; 
whereas, a FEI Versa 3D dual beam scanning electron microscope was employed for the SEM 
study and an Aztec Oxford EDX detector X-max for the EDX work. As illustrated in Fig. 17, the 
TEM image along with other results approximated the diameter of the nickel particle in the range 
of 5±0.12 to 7±0.12 nm. Likewise, the SEM/EDX image (Fig. 18) shows that the nickel, aluminum, 
and oxygen are equally distributed throughout the catalyst sample. The weight composition of 
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these elements in the fresh catalyst sample is displayed in Fig. 19. The selected fresh catalyst 
sample consists of 17.8±0.8% of nickel, 38.8±0.4% of aluminum, and 42.2±0.4% of oxygen along 
with a few traces of calcium and phosphorous.  
 
 
Figure 18: SEM/EDX image of fresh Ni/γ-Al2O3 catalyst 
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Figure 19: Elements proportion in the fresh Ni/γ-Al2O3 catalyst 
The distribution of all the elements in the used catalyst are shown in Fig. 20 and appears 
unchanged. However, there is a presence of silicon, which was mixed in equal proportion with 
Ni/γ-Al2O3 during the catalytic reaction to help maintain isothermal conditions. Likewise, the used 
catalyst has some traces of carbon, which is formed during the GSR reaction as shown in Eqn. 15 
and Eqn. 16. The weight compositions of Ni, Al, O, C, and Si are 6.2±0.6%, 15.0±0.1%, 
41.4±0.3%, 8.0±0.1%, and 29.4±0.2%, respectively displayed in Fig. 21. Based on these catalyst 
characterization tests, the surface area, pore diameters, and the metal concentration of the Ni/γ-
Al2O3 catalyst match the analysis of other studies subsequently making the catalyst suitable for 
GSR testing [50, 65].  
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Figure 20: SEM/EDX layered image of used Ni/γ-Al2O3 catalyst 
 
Figure 21: Elements proportion in the fresh Ni/γ-Al2O3 catalyst 
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2.10.2 Glycerol Steam Reforming 
 The first test was conducted by following the procedure used in the previous GSR study 
carried out at the KU that additionally used a Ni/-Al2O3 catalyst [50]. This was accomplished in 
order to make sure that the experimental system is in good working condition. According to the 
previous study, the GSR experiment was carried out for 975 minutes while product gas 
composition data were taken for around 12 hours as shown in Fig. 22. Furthermore, it can be 
observed from these data that the proportion of hydrogen for the first four hours is relatively higher 
than the hydrogen in the last eight hours due to a reduction in catalyst activity. Specifically, the 
activity of the catalyst decreases because of several side reactions (Eqns. 6-16) occurring during 
the main glycerol steam reforming (Eqn. 6) process. Of these reactions, the formation of carbon is 
particularly responsible for decreasing the catalyst activity as it reduces the surface area of the 
catalyst, subsequently inhibiting the hydrogen formation reaction while also growing the pressure 
of the reactor. Although the GSR experiment starts at atmospheric pressure, the overall pressure 
of the reactor system increases gradually as the reaction proceeds. Therefore, the pump injecting 
the water/glycerol mixture should be able to work against the increased pressure over time.  
Unfortunately, during the initial tests in this study, the syringe pump (Kent Scientific Genie 
Plus pump, # 2995) with a maximum pressure of 1.5 atm could not inject the water/glycerol 
mixture for a sufficient amount of time due to the induced pressure. Here, the syringe pump could 
force the mixture only for the first six hours. As a result, the initial test was conducted for six hours 
with the product gas compositions shown in Fig. 23. When comparing the results for the first six 
hour period with the previous study, it can be observed that the trend of the product gases is 
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relatively similar with around a 50% hydrogen concentration at the four-hour mark in both cases 
(Fig. 22, Fig. 23). This suggests that the experimental setup used in this study is working properly.  
 
Figure 22: Product gas composition for GSR in the previous study (plot re-made extracting 
hourly data) [50] 
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Figure 23: Product gas composition for GSR using Kent pump at a temperature of 650 °C, 
pressure of 1 atm and water to glycerol molar ratio of 9:1 
In order to overcome the increasing pressure and to run the experiment for a longer duration 
subsequently ensuring that the catalyst maintains its activity, a high pressure New Era syringe 
pump (# SyringeONE: 100-OEM) was used that can support a maximum pressure of 4.5 atm. As 
a result, this new pump successfully injected the mixture for 15 hours; however, the increase in 
pressure resulted in a physical movement of the catalyst bed from the reactor tube into the 1/8” 
stainless steel tube significantly changing the operating conditions. As a result, the production of 
hydrogen was inhibited. When studying various ways to reduce the movement of the catalyst bed, 
it was realized that the pressure drop can be minimized by increasing the size of the catalyst. 
Generally, increasing the catalyst size is expected to decrease the pressure drop because of two 
main reasons: 
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1. The pressure drop can increase due to the sintering of nickel particles over time and 
smaller particles have a higher tendency to sintering [13, 78]. Therefore, with an 
increase in particle diameter, sintering of nickel particles can be minimized that reduces 
the pressure drop.  
2. By increasing the particle size, the porosity of the catalyst bed will increase. Since, the 
pressure drop varies inversely with the third power of porosity, the pressure drop in the 
catalyst bed will reduce significantly with a growth in porosity [79].  
However, the increase in catalyst particle size decreases the overall surface area which affects the 
activity of the reaction. Moreover, selection of an appropriate catalyst is essential in minimizing 
the mass transfer limitations. Since, reactions are limited by the amount of mass transferred at 
higher temperatures, the reaction activity can be increased by minimizing the mass transfer 
limitations [80]. Furthermore, the size of the catalyst also affects the back flow of gases, which 
additionally reduces the catalyst activity. The literature suggests that the following relations 
between the diameter of the catalyst (Dp), diameter of the reactor tube (d), and the catalyst bed 
length (L) must be implemented to prevent back flow into the reactor [81]: 
1. The ratio of internal diameter of the tube (d) to the catalyst particle size should be 
greater than 10 (d/Dp > 10). 
2. The ratio of a catalyst bed length (L) to the catalyst particle size should be greater than 
50 (L/Dp > 50). 
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Based on these conditions, the catalyst diameter was increased from 0.250 mm (mesh size 60) to 
an average diameter of 0.354 mm (mixing mesh sizes 40 and 60 in equal proportion). Both the 
d/Dp value of 17 and the L/Dp value of 70.5 satisfy the given criteria.  
The test with the new catalyst specifications was carried out for 13 hours while keeping all 
other parameters similar to the previous effort. During this period, 117 ml of reactant was 
introduced into the reactor with 63 ml collected as condensate (46% of the total reactant 
converted). The collected liquid was clear throughout the reaction with a density of 0.96±0.05 
gm/ml, similar to the density of distilled water used in the lab (0.97±0.05 gm/ml). Likewise, the 
mass of the reactor increased by 0.08±0.01 grams due to the formation of coke on the catalyst 
surface and the pressure of the system increased by 0.18 atm. Overall, product compositions during 
the test are shown in Fig 24. The results demonstrate that the maximum hydrogen composition 
achieved in this study is analogous to the previous study (Fig. 22 versus Fig. 24). More importantly, 
the activity of the catalyst did not degrade in the updated setup in comparison to the prior efforts; 
hence, providing better results.  
The difference in results between these two tests can be related to the dissimilar size of the 
catalyst used. Specifically, the use of a smaller size catalyst in the previous study increases the 
overall pressure drop due to its reduced porosity [79]. According to Le Chatelier’s principle, the 
increase in pressure shifts the GSR reaction (Eqn. 6) in a backward direction that grows the 
concentration of glycerol and water. This increase in the concentration of glycerol seems to 
enhance carbon deposition [16]. Instead, an increase in the steam concentration generally inhibits 
the formation of carbon. However, when both glycerol and steam concentrations are enhanced, the 
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effect of steam is overshadowed [16]. Therefore, the higher rate of carbon deposition in the 
previous study might be a reason for its decreased activity. This analysis is further supported by 
Silvey who reports that 0.5102 grams of coke and charcoal was produced in the previous study in 
comparison to 0.08 grams in this work [50]. 
 
Figure 24: Product gas composition results for GSR using high pressure pump at a 
temperature of 650 °C, pressure of 1 atm and water to glycerol molar ratio of 9:1 
As shown in Fig. 24, concentrations of H2 are almost consistent throughout the entire test 
period of 13 hours, which suggests that the catalyst did not lose its activity with similar results 
reported in other studies [16, 82]. The maximum H2 concentration of 70% was noticed in the first 
hour while it reduced slightly to around 65% at the four-hour mark and remained consistent until 
eight hours. At this point, the concentration of H2 increased to about 67% and remained constant 
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throughout the rest of the experiment. Likewise, during the first hour, the concentration of CO2 
was approximately 30% while a small amount of CO was present in the product. As the reaction 
proceeded, the concentration of CO2 decreased to 20% after four hours while the proportion of CO 
increased. From the four-to-eight hour period, the concentration of both CO2 and CO were 
constant, but after that, the concentration of CO decreased while the CO2 concentration increased 
to around 25% after thirteen hours. It can be observed that the concentration of CO2 gas follows 
the trend of hydrogen as anticipated from the GSR reaction.  
The methane gas in the product composition is almost negligible. However, when present, 
it followed the trend of CO gas. Generally, the relation between H2, CO2, CO, and CH4 can be 
linked to the water-gas shift (WGS) reaction (Eqn. 7) and other side reactions involved during the 
GSR reaction. The initial higher concentration of CO2
 and H2 might result from the decomposition 
of glycerol to CO and H2 followed by the WGS reaction of CO in the presence of excess steam 
[16, 82]. However, according to Le Chatelier’s principle, a higher concentration of H2 and CO2 
along with greater temperatures shifts the WGS reaction in the backward direction which increases 
the concentration of CO while reducing CO2 and H2 concentrations as noticed between time 
intervals of one-to-four hour period. As a result of the balance of these reactions, a constant 
concentration of these gases is observed. 
CO + 3H2 ↔ CH4 + H2O  (17) 
2CO ↔ CO2 + C  (18) 
CH4 + 2H2O ↔ CO2 + 4H2  (19) 
C + 2H2O ↔ CO2 + 2H2  (20) 
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However, CO gas may further react with hydrogen to produce methane as shown in Eqn. 
17 [68, 82]. In addition, it can decompose to CO2 and carbon species as implicated by Eqn. 18 [14, 
37]. As a result, the concentration of CO decreases. Since the presence of CO produces CH4, these 
two gases have a similar trend in Fig. 24. Moreover, CH4 as well as carbon reacts with excess 
water to produce CO2 and H2 gases (Eqns. 19 and 20) [13, 14] that reduces their concentrations 
while growing the composition of H2 and CO2 gases. However, the H2 and CO2 concentrations do 
not reach the initial maximum value as the catalyst activity is slightly inhibited by the intermediate 
carbon species.   
For the first part of this direct conversion of glycerol to ammonia study, glycerol was 
converted to H2, CO2, and CO with an average product composition of 66.12%, 23.6%, and 9.68%, 
respectively. Here, the objective is to produce the maximum amount of H2 that will eventually 
increase the production of ammonia. As shown in Eqn. 7, the production of H2 can be increased 
by reacting the CO gas generated during the GSR reaction with steam. Hence, an enhanced 
conversion of CO to H2 is possible by adding an appropriate WGS catalyst along with determining 
suitable operating conditions as discussed in the next chapter.   
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Chapter 3: Water-Gas Shift Reaction 
3.1 Introduction 
The water-gas shift (WGS) reaction (Eqn. 7) is an important industrial process that involves 
the conversion of CO to H2 for hydrogen and ammonia plants [83]. Before the introduction of the 
WGS reaction in 1888, hydrogen was produced by the addition of metallic iron to strong acids, or 
from the electrolysis of water [84]. Since both these processes were expensive to operate, and 
neither could meet the growing demand of pure hydrogen, the introduction of the WGS reaction 
was a significant achievement. However, the reaction became prominent only in 1912 with the 
development of the Haber ammonia synthesis process by Bosch and Wilde [85]. Moreover, before 
1960, both iron- and chromium-based catalysts were used for the WGS reaction in the Haber 
process that were capable of catalyzing the reaction at 400 °C to 500 °C while reducing the CO 
content in the exit to about 2% [86]. However, this trace amount of CO can minimize the 
production of ammonia since it poisons the iron-based catalyst used in the ammonia synthesis 
reaction. As a result, there was a need to eliminate the CO completely; hence, it was removed by 
absorption using copper ammonium formate followed by conversion via methanation. However, 
the methanation process consumed a portion of hydrogen, which reduced the ammonia production 
rate [84].  
Therefore, several studies were conducted in the search of a better catalyst to minimize the 
concentrations of CO from the effluent of the WGS reaction. In the early 1960s, two separate 
catalyst beds were used, one containing an iron oxide/chromium oxide catalyst and other a copper-
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based catalyst. By using this configuration, the exit CO levels were reduced to around 0.1% and a 
similar design is used for industry today [84]. Since these two catalysts operate most effectively at 
different temperatures, two separate reactors were required for this configuration. The iron oxide-
chromium oxide catalyst works at a comparatively higher temperature (400 °C to 500 °C); hence, 
this catalyst is often called the high temperature shift catalyst. Whereas, copper-based catalysts 
operate at a lower temperature of 200 °C, subsequently they are called low temperature shift 
catalysts. The other reason behind using two separate reactors is that copper-based catalysts can 
be easily poisoned by sulfur compounds that come from hydrocarbon sources or coal, while iron-
based catalysts are sulfur tolerant. Therefore, in a commercial setup, first a high temperature shift 
(HTS) reaction is carried out using an iron-based catalyst reactor. Then, the exit gas is passed into 
a guard bed to remove the sulfur compounds followed by a lower temperature shift (LTS) reaction 
with intercooling to maintain the inlet temperature [86]. Overall, the use of two separate reactors 
along with an intercooler and a guard bed makes the WGS reaction rather complex and energy-
extensive. As a result, active research is being carried out to develop better catalysts for the 
reaction.   
3.2 Catalyst Selection and Preparation 
The ideal catalyst for the WGS reaction is expected to have resistance towards sulfur and 
oxidation along with the ability for a maximum CO conversion rate. In this regard, several metals 
including Pd, Au, Pt, Ru, Os, Fe, Co, Ni, Cu, and Re have been studied [87]. Among them, 
Grenoble et al. suggest that Cu-based catalysts have the highest activity for the LTS reaction [87]. 
However, Cu along with other metals like, Fe, Co, Ni, and Re have a greater tendency to be 
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oxidized by H2O that minimizes the reaction rate over time [87]. The oxidation probability in other 
metals including Pt, Pd, Ru, Rh, and Os is significantly lower. Moreover, Grenoble et al. state that 
the WGS rate of these noble metals supported on ceria are essentially identical, but their activity 
is considerably lower in comparison to Cu-based catalysts at a lower temperature (127 °C) [87, 
88]. However, these ceria supported noble metals have a better activity in comparison to Ni, Fe, 
and Co [88]. Overall, the excellent activity of Cu at lower temperatures have established them as 
the ideal LTS catalyst. 
Furthermore, Qi et al. reported that Cu-based catalysts have superior activity at higher 
temperatures in the range of 320 °C to 450 °C when supported by CeO2, which makes them equally 
suitable as a HTS catalyst [89]. Here, the authors have stated the following reasons to implement 
a Cu/CeO2 catalyst for this reaction: 
1. The formulation does not contain precious metals; hence, catalyst cost is minimized. 
2. Since it has an enhanced conversion rate, the methanation reaction that consumes 
extra hydrogen can be excluded, subsequently augmenting the ammonia synthesis 
rate. 
Despite these advantages, Cu-based catalysts are easily poisoned by sulfur, consequently 
preventing them from being considered an effective HTS catalyst. In comparison, nickel-based 
catalysts have begun gaining interest because of two main reasons [90]: First, they have a 
superior CO conversion rate; Second, it was discovered that their tendency to produce undesired 
methane can be suppressed by the addition of second metal. As a result, Saw et al. used a Ni-Cu 
alloy catalyst supported by ceria to test a high temperature WGS reaction and according to their 
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results, most of the CO was converted to CO2 [90]. Similarly, Zhao et al. tested a 
Ni0.2W0.1Ce0.7O2 catalyst at a temperature of 400°C and they obtained a 75% CO conversion rate. 
More recently, Saw et al. once again tested the bi-metallic Ni catalyst at a higher temperature 
[91]. In this study, a Ni to Cu molar ratio of 1 was impregnated with ceria and a maximum CO 
conversion rate of 85% was achieved at a temperature of 450°C as shown in Fig. 25 [91]. 
 
Figure 25: CO conversion over Ni-Cu/CeO2 at 450°C [91] 
At the same time, Miao et al. proposed a unique kind of support, hydroxyapatite 
(Ca10(PO4)6(OH)2 or HAP), coupled with Pt for the high temperature WGS reaction [92]. The 
authors selected platinum because of its superior high-temperature stability while they provided 
the following reasons for the selection of the HAP support: 
1. Structural stability 
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2. Hydrophilicity (ability to attract water molecule on their surface) due to amphoteric 
acid and base functionalities 
3. Catalytic activity of apatite catalysts can be substantially modulated by changing the 
Ca/P ratio 
The authors performed tests at several temperatures and the maximum conversion rate of CO 
(slightly higher than 90%) was achieved at a temperature of 723 K (450 °C) (Fig. 26). Furthermore, 
the authors noticed that the CO conversion rate over the Pt/HAP catalyst could be improved by 
increasing the Ca/P ratio. Finally, within the last year, Miao et al. followed up their previous 
investigation [93]. This time the authors tested the WGS reaction over a platinum/strontium apatite 
catalyst. Again, a CO conversion rate of above 90% was observed at a temperature of around 723 
K.  
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Figure 26: CO conversion over Pt/HAP at different temperatures and Ca/P ratio 
[92]    
The operating conditions and conversion rates of the catalysts discussed along with other 
noteworthy catalysts have been listed in Table 14. From this table, it can be observed that the 
activity of cerium-based Pt, Au, Pt, and Cu, along with Cr/Fe- and Pt/HAP-based catalysts have 
the highest CO conversion rates in the range of 90%. However, selecting the appropriate catalyst 
includes consideration of the operating conditions along with the activity. Since this effort will 
merge the WGS reaction with the GSR catalyst (650°C, 1 atm), the use of similar operating 
conditions for both reactions can minimize a significant amount of the energy cost.  
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Table 14: Summary of experimental results for WGS reactions 
Catalyst Operating Conditions Results 
Cu/CeO2 400 °C, 1 atm, 5 S/C CO conversion = 80% [90, 91] 
Pt/HAP 450 °C, 1 atm, 4 S/C, 150000 
ml/(gcath) 
CO conversion > 90% [92] 
Pt/CeO2 400 °C, 1 atm, 4 S/C, 150000 
ml/(gcath) GHSV 
CO conversion = 20% [92] 
Pt/strontium/HAP 450 °C, 1 atm, 4 S/C, 150000 
ml/(gcath) 
CO conversion > 90% [93] 
Cr/Fe 300 °C-450 °C, 25-35 bar CO conversion = 97% [94] 
Cr/Fe 400 °C, 27 bar, 6 S/C  CO conversion = 37.4% [94] 
Pt/Ce/C 350 °C, 1 atm, 20 S/C CO conversion = 90% [94] 
Au/Ce 250 °C, 2.3 S/C CO conversion = 90% [94] 
Pt/Ce 300 °C, 33.3 S/C CO conversion = 90% [94] 
Cu/Zn/Al <250 °C CO conversion > 90% [94] 
Cu/Zr/Ce 400 °C, 1 S/C CO conversion = 75.9% [94] 
Cu/Ce 400 °C, 2 S/C CO conversion = 73% [94] 
Cu/ZnO/alumina 400 °C, 1 atm, 3 S/C, 108000 h-1 
GHSV 
CO conversion = 55% [95] 
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From Table 14, it is noticed that cerium-based catalysts operate at a lower temperature. 
However, they have a significantly higher steam-to-carbon ratio when used with Pt that increases 
their operating cost as more water is required along with more energy to convert the water into 
steam. Likewise, the operating costs of Cr/Fe-based catalysts are also relatively high since they 
require a high pressure system. In contrast, the operating pressure for the Pt/HAP catalyst is similar 
to the GSR reaction. Moreover, its temperature is closer to the GSR process than the other active 
catalysts. Here, Ni0.2W0.1Ce0.7O2, 2% Pt/CeO2, and Cu/CeO2 also have similar operating 
conditions; however, these catalysts have a lower CO conversion rate in comparison to Pt/HAP. 
Based on these analyses, Pt/HAP is considered the ideal catalyst for this study in terms of operating 
conditions and conversion rate.  
 As a result, this catalyst was prepared by following the procedures discussed by Miao et 
al. [92, 93]. According to the authors, the Pt/HAP catalyst has the maximum CO conversion rate 
when the HAP is prepared with a pH level of 10.5. Therefore, the pH level during the preparation 
of HAP was maintained at 10.5 and the steps involved include: 
1. 120 ml of 0.33 mol/L Ca(NO3)24H2O was prepared by adding 7.212 gm of 
Ca(NO3)24H2O (Fisher Scientific, # AC423535000) to 120 ml distilled water 
2% Pt/CeO2 400 °C, 1 atm, 3 S/C, 108000 h-1 
GHSV 
CO conversion = 60% [95] 
Ni0.2W0.1Ce0.7O2 400 °C, 1 atm, 3 S/C CO conversion = 75% [96] 
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2. 3.146 gm of (NH4)2HPO4 (Fisher Scientific, # AC201822500) was mixed in 120 ml of 
distilled water to prepare an aqueous (NH4)2HPO4 solution with a concentration of 0.20 
mol/L. 
3. 100 ml of prepared 0.33 mol/L Ca(NO3)24H2O was added into a beaker followed by 
the addition of aqueous ammonia (Fisher Scientific, # AC390030010) to maintain a pH 
level of 10.5. 
4. 100 ml of aqueous 0.20 mol/L (NH4)2HPO4 solution in Step 2 was added dropwise to 
the above mixture at room temperature with vigorous magnetic stirring. The aqueous 
ammonia would be added in between to maintain the pH level. 
5. The resulting suspension was kept in a water bath for 2 h at 363 K (90 °C)  
6. The suspension was cooled to room temperature and aged for 6 h. 
7. The precipitate was washed repeatedly to obtain a pH 7 then it was dried at 333 K (60 
°C) for 12 h. 
8. Finally, it was calcined for 4 h in air at 753 K in a muffle furnace. 
9. The powder obtained after cooling was denoted as HAP 10.5. 
The Pt/HAP catalyst was prepared by impregnation of Pt in the HAP powder. The following 
procedure was used to prepare the catalyst with nominally 1% Pt by weight.  
1. First, the surface area of the HAP was estimated by a wetness test which resulted in 
0.75 ml of water required for 0.50 gm of HAP.  
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2. Based on these calculations, the required concentration of H2PtCl6 was 14.145 mg/ml, 
which is close to the reported concentrations of 15.8 mg/ml [92, 93].  
3. The calculated concentration of aqueous H2PtCl6 was prepared by adding 71.508 
H2PtCl6 6H2O in 4 ml of water. 
4. 3 ml of the mixture was added to 2 gm HAP powder.  
5. The solution was left at the room temperature for 24 hours, then it was dried at 333 K 
(60 °C) for 12 h and calcined again for 4 h in air at 753 K in a muffle furnace.  
The prepared Pt/HAP catalyst was ground to 40-60 mesh size (around 0.354 mm). The next step 
involved loading 75 mg of ground catalyst into a quartz tube (GM Associates, part # 6030-02) 
along with 100 mg of silicon oxide. This was held in place by quartz wool plugs (Acros Organics, 
part # 451040100) inserted into both the top and bottom of the reactor system. Here, the same 
quartz tube used in the GSR experiment was used. The loading of the catalyst was divided into 
three parts in order obtain a homogeneous mixture of the catalyst and silicon oxide in the catalyst 
bed; i.e., 25 mg of Pt/HAP and 33.3 mg of silicon oxide was loaded each time.  
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3.3 Reactor Setup 
 
 (1) 6.25% CO gas in helium; (2) 5% hydrogen gas in argon; (3) Mass flow controller (MFC); (4) 
MFC control module; (5) Flowmeter; (6) Syringe pump to supply water; (7) Furnace surrounding 
the reactor; (8) Temperature controller attached with thermocouple; (9) Cooling system to 
condensate water vapor in the product; (10) Gas chromatograph (GC)  
Figure 27: Schematic of WGS experimental setup 
Then, the prepared catalyst bed was installed in the reactor setup (Fig. 27), which was 
analogous to the GSR experimental setup while incorporating three major changes. First, the 5% 
N2 in Ar carrier gas used during the GSR experiment was replaced by 6.25% CO gravimetrically 
mixed with He gas (Matheson, part # SXG2695580). Second, for the GSR reactor, a syringe pump 
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was used to supply a glycerol and water mixture while it only pumped water for the WGS 
experiment. Finally, the mass flow controllers were replaced with newer ones that were calibrated 
for the CO gas mixture. 
3.4 Operating Conditions 
Similar to the GSR investigation, the suitable operating conditions for the WGS reaction 
can be approximated by implementing Le Chatelier’s principle which suggests that the equilibrium 
of a system can be affected by changing the concentration of the constituents along with modifying 
the system pressure and temperature. Applying Le Chatelier’s principle for the WGS reaction 
(Eqn. 7) generates the following points: 
1. The WGS reaction is slightly exothermic. Therefore, when the operating temperature 
is decreased, the reaction will move in a forward direction to compensate for the 
reduced temperature.  
2. Both the reactant side and the product side have an equal number of moles in the WGS 
reaction. Therefore, under equilibrium, pressure does not have any effect on the 
reaction.  
3. Finally, the addition of H2O shifts the WGS reaction in the forward direction to 
consume CO.  
Therefore, according to Le Chatelier’s principle, lower temperatures and higher H2O 
concentrations are the preferred operating conditions. However, the WGS reaction is kinetically 
limited at lower temperatures; hence, the reaction proceeds slowly [84, 94]. As a result, while the 
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reaction is thermodynamically favored at a lower temperature, it reaches thermal equilibrium faster 
at higher temperatures [84, 94]. This is another important reason to separate WGS into two 
different reactors. As discussed earlier, copper-based catalysts are most often used for the LTS 
reactor that normally functions between 210 °C and 240 °C. Likewise, for the HTS reactor, 
iron/chromium catalysts are used at an operating temperature between 310 °C to 450 °C and a 
pressure range of 25-35 bar [97]. However, in this study, a single reactor system and a unique 
Pt/HAP catalyst are used based on the work of Miao et al. [92, 93]. In their efforts, the maximum 
CO conversion rate was observed at a temperature of 450 °C and a pressure of 1 bar. Therefore, 
the initial experiments in this study were carried out by following similar operating conditions, 
which were slightly modified later to merge with the GSR settings. 
Before starting a WGS test, the reactor tube was heated to 250 °C for 30 minutes in the 
presence of Ar passed at a flowrate of 50 cm3/min: note, this is the gas flowrate used in the GSR 
experiment. Then, 6.25% CO in He gas was delivered for the next ten minutes at 50 cm3/min 
followed by the injection of water at a flowrate of 0.15 ml/min (similar to GSR conditions). The 
GHSV of the system was maintained at 175,000 h—1. The water was preheated using a heating 
tape before reaching the reactor tube. The product from the reactor was passed to a condenser 
system to collect any liquids before directing to a gas chromatograph (GC) for analysis.  
3.5 Results and Discussion 
Before performing the catalytic reaction, characterization tests on the Pt/HAP catalyst were 
carried out. First, the surface area and pore volume of the catalyst were determined by using a BET 
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analysis. Here, the prepared Pt/HAP catalyst had a BET surface area of 11.52±0.15% m2/g and a 
pore volume of 0.03±0.15% cm3/g; whereas, the average pore diameter was 10.6±0.15% nm.  
 
Figure 28: TEM image of Pt/HAP catalyst 
In addition, TEM, SEM, and EDX tests were conducted on the fresh catalyst sample. 
According to the TEM analysis, the diameter of the Pt particles were around 1 to 3±0.12 nm with 
a representative TEM image of the fresh Pt/HAP catalyst shown in Fig. 28. Similarly, Fig. 29 
illustrates an SEM/EDX layered image displaying a few pores on the catalyst with a diameter in 
the range of 85 to 108±0.12 nm.  
The distribution of different elements used in the Pt/HAP catalyst is shown in Fig. 30. The 
figure illustrates that all elements are distributed uniformly throughout the catalyst. Surprisingly, 
there are some traces of aluminum particles in the sample. According to Fig. 31, the catalyst 
consists about 0.7±0.0% aluminum by weight, which might be the result of heating the catalyst 
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sample in an aluminum foil during its preparation. Overall, the weight composition of O, Ca, P, 
Pt, and Cl are 42.8±0.1%, 36.4±0.1%, 18.1±0.1%, 1.7±0.1%, and 0.3±0.0%, respectively. 
 
Figure 29: SEM/EDX image of fresh Pt/HAP catalyst sample 
 
Figure 30: SEM/EDX image of fresh Pt/HAP catalyst 
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Figure 31: Elements proportion in the fresh Pt/HAP catalyst 
Finally, in order to identify the species that are absorbed on the surface of the spent Pt/HAP 
catalyst, a Fourier Transform Infrared (FTIR) test was conducted at the Bioengineering Research 
Center (BERC) at KU using a Perkin-Elmer Spectrum 400 FTIR spectrometer with Pike 
GladiATR. The instrument was set to a resolution of 4.0 cm-1 and the spectra were collected from 
wavelengths of 4000 to 500 cm-1. The FTIR plot for the spent Pt/HAP catalyst is illustrated in Fig. 
32. Due to the higher range of data, all wavelength peaks in Fig. 32 were not clearly visible. As a 
result, the plot was divided into five different wavelengths as shown in Fig. 33 to Fig. 37. The 
bands at 561, 604, 962, 1030, and 1085 cm-1 as illustrated in Fig. 33 are present because of the 
vibrational modes of the PO4
--- radicals [92]. Similarly, the peaks observed at 1410 cm-1 and 1440 
cm-1 in Fig. 35 can be linked to carbonate species that might be formed due to CO2 adsorption on 
the catalyst surface; whereas, the peak at 2348 cm-1 in Fig. 36 is the indication of adsorbed CO2 
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[92]. Likewise, the broader bands at 1640 cm-1 (Fig. 35) might have occurred due to adsorbed 
water [98]. In the same way, the peaks at 634 and 3575 cm-1 (Fig. 33 and Fig. 37, respectively) are 
due to the vibration of OH- ions [93]. Here, the plot in Fig. 34 does not have any peaks; however, 
it is incorporated to provide a continuation of wavelengths from 500 cm-1 to 4000 cm-1.  
 
Figure 32: FTIR result for Pt/HAP catalyst 
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Figure 33: FTIR for Pt/HAP ranging from a wavelength of 500 to 1100 cm-1 
 
Figure 34: FTIR for Pt/HAP ranging from a wavelength of 1100 to 1300 cm-1 
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Figure 35: FTIR for Pt/HAP ranging from a wavelength of 1300 to 1900 cm-1 
 
Figure 36: FTIR for Pt/HAP ranging from a wavelength of 1900 to 3300 cm-1 
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Figure 37: FTIR for Pt/HAP ranging from a wavelength of 3300 to 4000 cm-1 
 
Except for the BET surface area, which is reported to be around 53 m2/g for Pt/HAP in the 
literature, all of the other catalyst characterization results for the prepared Pt/HAP agree with the 
literature [92, 93, 98]. However, studies suggest that the WGS reaction can still have a respectively 
high CO conversion rate for HAP based catalysts even with a BET surface area in the range of 10 
to 20 m2/g [93]. For example, Sr added HAP prepared by Miao et al. had a BET surface area of 16 
m2/g and 26 m2/g at pH 10 and 11, respectively, without the addition of Pt. The inclusion of 1 wt.% 
Pt is reported to decrease the overall BET surface area by around 32% (from 78 m2/g to 53 m2/g) 
[92]. Therefore, the Pt/SrHAP catalysts presented by Miao et al. had an approximate BET surface 
area of 10.88 m2/g and 17.58 m2/g. At these surface areas, these catalysts were able to achieve a 
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CO conversion rate of >60% and >90%, respectively [93]. Moreover, the SEM/EDX images 
suggest that the prepared catalyst has several pores with a diameter of more than 100 nm. As a 
result, the catalyst was considered prepared sufficiently for being catalytically active.  
The WGS experiment was carried out for six hours during which 50 ml of water was 
introduced into the reactor. After six hours, 12 ml liquid was collected as condensate, which 
suggests that around 76% of the total reactant was converted to gas. The condensate was clear and 
had a density of 0.98 ± 0.05 gm/ml that is similar to the density of water (0.97 ± 0.05 gm/ml) in 
the laboratory. Moreover, the mass of the reactor (28.82 ± 0.01 gm), as well as the pressure of the 
system (1.15 ± 0.02 atm) remained constant throughout the process, which suggests that carbon 
was not produced during the reaction. In addition, when analyzing the product gas, only H2, CO2, 
and CO were observed. However, the product composition plot for the WGS reaction was not 
prepared as it did not give representative results. Specifically, the peak for hydrogen and the carrier 
gas, helium, occurs at the same retention time within the GC. As a result, the GC would assume 
that the helium in the carrier gas is hydrogen; hence, the GC would falsely indicate a hydrogen 
production above 90%. Therefore, since the products of the reaction were only H2, CO2, and CO, 
the activity of the reaction was calculated in terms of the CO conversion rate. This required 
calculating the initial volume composition of CO that was obtained by performing the test in the 
absence of a catalyst. Here, the conversion rate of CO (XCO) was calculated as: 
XCO= 
[CO]
in
-[CO]
out
[CO]
in
  
(21) 
where [CO]
in
 and [CO]out are the CO concentrations in feed and exhaust gas, respectively.  
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Figure 38: CO conversion rate for the WGS reaction GSR using Pt/HAP catalyst at a 
temperature of 450 °C and a pressure of 1 atm 
The CO conversion rate at 450 °C for a six-hour period is illustrated in Fig. 38. As shown 
in the figure, the conversion rate was around 75% during the start of the test, which subsequently 
increased to 100% and remained there after the first hour. The reduced CO conversion rate during 
the first few minutes can be linked to the lower initial temperature of the reactor. The thermocouple 
installed to measure the temperature of the reactor is placed between the catalyst bed and the 
furnace. Since the thermocouple is respectively closer to the furnace, it gets warmer relatively 
earlier than the catalyst bed. Therefore, initially, the temperature of the catalyst bed might be still 
recovering from the preliminary reactor temperature of 250 °C and might not have reached 450 °C 
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yet. As the WGS reaction is kinetically limited and slower at lower temperatures, the CO 
conversion rate was relatively smaller [94]. However, once thermal equilibrium was achieved, the 
conversion rate increased to 100%. Moreover, since the activity of the catalyst was not inhibited 
by other byproducts (e.g., carbon deposition), the conversion rate remained constant at 100% for 
the remaining period. Overall, the results obtained in this study are comparable with Miao et al.’s 
work, where they reported a conversion rate above 90% [92, 93]. As a result, the use of a Pt/HAP 
catalyst for the WGS reaction at 1 atm and 450 °C yielded promising results, subsequently making 
this an ideal WGS catalyst to be used in conjunction with GSR experiments.  
3.6 GSR+WGS Reaction 
Although the operating pressure for both GSR and WGS reactions is similar (1 atm), they 
function most effectively at different temperatures (650 °C for GSR and 450 °C for WGS). 
Therefore, two dissimilar options of merging these reactions were considered. The first option 
involved the selection of a single optimized temperature for both reactions (Fig. 39). In this case, 
only a single reactor is used that reduces the energy consumed; however, the hydrogen production 
rate and/or CO conversion rate will also be minimized. Likewise, the second option uses two 
separate reactors, one each for GSR and WGS, respectively. Subsequently, this method does not 
affect the hydrogen yield rate, but it will increase the energy cost (Fig. 40).  
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Figure 39: Merging GSR and WGS in a single reactor (Option 1) 
 
WGS Catalyst  
Swagelok connector 
GSR Catalyst  
Quartz tube 
Water and glycerol carried by argon 
Heating tape to preheat  
Swagelok stainless steel tube 
Product gas 
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Figure 40: Merging GSR and WGS in two different reactors (Option 2) 
In order to determine the optimum temperature for both reactions as suggested by option 
1, experiments were performed at different temperatures. Specifically, both GSR and WGS 
experiments were carried out at 450 °C, 550 °C, and 650 °C. The effects of temperature variation 
in the composition of product gases for the GSR tests are illustrated in Figs. 41-43.  
GSR reactor 
WGS reactor 
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Figure 41: H2 concentration in the product at different temperatures for GSR at a pressure 
of 1 atm and water to glycerol molar ratio of 9:1 
As shown in Fig. 41, the percentage of hydrogen at 450 °C fluctuates between 50% and 
75% during a six hour period while at 550 °C, the variation is in the range of 55% to 70%. 
Interestingly, the deviation in H2 is a minimum at 650 °C, varying from 65% to 70%. While 
comparing the H2 proportion on an hourly basis, it can be observed that the maximum composition 
is often obtained at 650 °C except at the 1- and 4-hour marks where a higher H2 composition is 
collected at 450 °C. Based on the product gas composition results, the H2 yield rate does not seem 
to vary significantly with temperature. However, the overall conversion of reactants to gaseous 
products at 450 °C, 550 °C, and 650 °C are 12.25%, 31.38%, and 46.53%, respectively. Moreover, 
only water was observed in the condensate at 650 °C while the condensate at 450 °C and 550 °C 
had an “oily” layer floating at the top. This significant difference in glycerol conversion rate can 
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be linked to the higher temperature (around 650 °C) required for glycerol decomposition (Eqn. 8), 
which is an important reaction for hydrogen production [99]. Therefore, temperature significantly 
influences the total volume of hydrogen produced; e.g., total hydrogen produced at 650 °C in 
comparison to 550 °C and 450 °C is 50% and around 100% more, respectively.  
 
Figure 42: CO2 concentration in the product at different temperatures for GSR at a 
pressure of 1 atm and water to glycerol molar ratio of 9:1 
The effect of temperature on CO2 is illustrated in Fig. 42. As shown in this figure, the initial 
proportion of CO2 is a maximum at a temperature of 650 °C that decreases as the reaction proceeds. 
Similar to Fig. 41, the concentration of CO2 is all over the place at 450 °C ranging from 25% to 
50%. Since CO2 is a byproduct of both GSR and WGS reactions, its change in composition with 
temperature is not significant in the selection of an optimized temperature. However, the 
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consequence of temperature on the proportion of CO as illustrated in Fig. 43 is quite significant 
since CO is further used in the WGS reaction to increase the production of H2. The most noticeable 
result in Fig. 43 is the absence of CO at a temperature of 450 °C. Moreover, the initial 
concentration of CO is relatively low at 650 °C; however, it does increase with time.  
 
Figure 43: CO concentration in the product at different temperatures for GSR at a 
pressure of 1 atm and water to glycerol molar ratio of 9:1 
Based on these results, it can be observed that the conversion rate of the reactants at 450 
°C is significantly low. Moreover, since there is no CO in the product at this temperature, the 
addition of a WGS reactor will not increase the concentration of H2. Therefore, an operating 
temperature of 450 °C is not appropriate to be considered as the common reactor temperature. In 
order to select between the other two temperatures, further experiments employing the WGS 
reaction were conducted (Fig. 44).  
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Figure 44: CO conversion rate for WGS at different temperatures with 1 atm pressure 
As shown in Fig. 44 for the WGS reaction, the conversion rate of CO decreases with an 
increase in temperature above 450 °C. This resembles the earlier discussion suggesting that the 
WGS reaction is thermodynamically favored at lower temperatures [94]. According to Fig. 44, the 
CO conversion rate at 550 °C is significantly superior to 650 °C during the initial period. However, 
the results look comparable after four hours. Specifically, the final reading at the 6-hour mark finds 
that the conversion rate for both temperatures is around 90%. Overall, the operating temperature 
of 550 °C does yields a better result in comparison to 650 °C.  
However, the optimized temperature cannot be based solely on the conversion results. The 
main target is to maximize the concentration of H2 while minimizing the energy cost. In this regard, 
parametric results of both GSR and WGS reactions were merged and analyzed.  
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Here, 
VR = Volume of water and glycerol (reactant) used over a six hour period 
VC = Volume of condensate captured over six hour period.  
Although (apparently) only water was obtained as condensate for 650 °C, it is assumed that the 
condensate is water and glycerol mixture in 9:1 molar ratio.  
VG = Volume of total gas = VR - VC 
 
(22) 
VG/H = Volume of gas per hour = VG/6 
 
(23) 
The values of the prior-mentioned parameters at different temperature are shown in Table 15. 
Table 15: Volume of reactant converted to gas at different temperatures 
Temperature 
(°C) 
VR 
(mL) 
VC 
(mL) 
VG 
(mL) 
VG/H (mL) Condensate appearance and density 
450 50 43.87 6.13 1.02 Whitish in color with oily layer at top. 
Density: 1.07±0.05 gm/ml 
550 50 34.31 15.69 2.62 Yellowish in color with oily layer at 
top. Density: 1.01±0.05 gm/ml 
650 50 26.73 23.27 3.88 Clear. Density: 0.98±0.05 gm/ml 
 
The volume of hydrogen produced from the GSR reaction (VH2, GSR) is expressed as: 
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VH2, GSR = (VG/H) × (% of H2 in the GSR product gas) (24) 
Similarly, VCO is the volume of CO produced from GSR reaction: 
VCO = (VG/H) × (% of CO in the GSR product gas)  (25) 
Likewise, VH2, WGS is the volume of H2 produced from the WGS reaction. Since the concentration 
of H2 in WGS product gas was not calculated as discussed earlier, it was assumed that the CO and 
H2 have the same molar ratio as suggested by the WGS stoichiometric equation (Eqn. 17). Based 
on this assumption, VH2, WGS is calculated by:  
VH2, WGS = VCO×XCO  (26) 
Finally, the total normalized volume of hydrogen is expressed as: 
TVH2 = (VH2, GSR + VH2, WGS ) / (VR/6) 
  
(27) 
Table 16 and Table 17 approximate the total amount of hydrogen in the product gas on an hourly 
basis after merging the GSR and WGS reactions. According to the results, the total volume of H2 
produced at 650 °C is at least 43% and sometimes 72% more than the H2 created at 550 °C. 
Therefore, the operating temperature of 650 °C is comparatively more suitable to merge both GSR 
and WGS reactions into a single setup. However, this temperature affects the conversion rate of 
the WGS reaction that will reduce the total hydrogen production rate.  
Table 16: Calculation of the total amount of hydrogen in the product gas considering both 
GSR and WGS at 650 °C 
Time (hr) % H2,GSR  % COGSR VCO (ml) XCO (%) 
VH2, WGS (ml) TVH2 
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VH2, GSR(ml) 
1 69.20 0.32 1.73 0.008 52.77 0.004 0.039 
2 67.47 0.31 4.63 0.022 51.38 0.011 0.039 
3 67.35 0.31 11.71 0.054 69.23 0.038 0.042 
4 64.84 0.30 15.28 0.071 78.00 0.055 0.043 
5 64.89 0.30 14.74 0.069 83.85 0.058 0.043 
6 65.54 0.30 14.05 0.065 87.23 0.057 0.043 
 
Table 17: Calculation of the total amount of hydrogen in the product gas considering both 
GSR and WGS at 550 °C 
Time (hr) % H2,GSR 
 
VH2, GSR(ml) % COGSR VCO (ml) XCO (%) VH2, WGS (ml) TVH2  
1 71.54 0.22 1.73 0.005 52.77 0.003 0.027 
2 60.08 0.19 4.63 0.015 51.38 0.007 0.024 
3 59.27 0.19 11.71 0.037 69.23 0.025 0.025 
4 54.15 0.17 15.28 0.048 78.00 0.037 0.025 
5 58.57 0.18 14.74 0.046 83.85 0.039 0.027 
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6 55.19 0.17 14.05 0.044 87.23 0.038 0.025 
 
As a result, the other option is to employ two separate reactors as shown in Fig. 40 that will 
allow both reactors to operate under their most optimal conditions. This would ensure 100% 
conversion of CO to H2 that will increase the overall H2 production. However, when comparing 
the results for this option in Table 18 with that of the single reactor setup in Table 16, it is noticed 
that the total H2 production is almost similar. Therefore, the addition of another 500 W furnace to 
maintain the operating conditions for the WGS reaction while not dramatically increasing the 
hydrogen production rate (Fig. 45) was not deemed worth it.  
Table 18: Calculation of the total amount of hydrogen in the product gas considering two 
separate reactors for GSR and WGS  
Time (hr) % H2,GSR 
 
VH2, GSR(ml) % COGSR VCO (ml) XCO (%) VH2, WGS (ml) TVH2  
1 69.20 0.32 1.73 0.008 100.00 0.008 0.040 
2 67.47 0.31 4.63 0.022 100.00 0.022 0.040 
3 67.35 0.31 11.71 0.054 100.00 0.054 0.044 
4 64.84 0.30 15.28 0.071 100.00 0.071 0.045 
5 64.89 0.30 14.74 0.069 100.00 0.069 0.044 
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6 65.54 0.30 14.05 0.065 100.00 0.065 0.044 
 
The addition of another 500 W furnace could be excluded by placing the WGS catalyst 
slightly upstream of the GSR catalyst. Hence, there would be some ambient heat transfer and the 
WGS reaction would see a marginally lower temperature. Implementation of such a system could 
reduce the energy cost while also increasing the hydrogen production rate. However, since this 
study involves a smaller reactor, the temperature just above the furnace is significantly affected by 
atmospheric conditions. As a result, the temperature might quickly reduce to below 425 °C where 
the WGS reaction is kinetically limited [84, 94]. Therefore, the application of the third option here 
requires a precise temperature control system along with sufficient insulation of the reactor tube 
just above the furnace. Since these conditions could not be met by the designed reactor system, 
option 1 is considered best for this setup when merging the GSR and WGS reactions. 
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Figure 45: Comparison between option 1 at different temperatures and option 2 in terms of 
total hydrogen produced 
The overall reactor setup for the GSR+WGS (Fig. 46) reaction was identical to the GSR 
reactor. The only change involved the reactor tube where the GSR and WGS catalysts were added 
in the same tube (Fig. 39). Like the previous two tests, the pressure during the experiment was set 
at 1 atm, the reactant flow rate was maintained at 0.15 ml/min, and the carrier gas was passed at 
50 ml/min.  
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The test for the GSR+WGS reaction was carried out for 15 hours at 650 °C. During this 
time, 144 ml of reactant was used with 32 ml collected at the condenser (overall conversion ratio 
of 77.78%). The condensate looked clear with a density of 0.97±0.05 gm/ml which, again, is 
similar to the density of water (0.97±0.05 gm/ml) in the laboratory. At the end of the reaction time, 
9
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1 2 
(1) 5% nitrogen gas in argon; (2) 5% hydrogen gas in argon; (3) Mass flow controller (MFC); (4) 
MFC control module; (5) Flowmeter; (6) Syringe pump to supply glycerol and water mixture; (7) 
Furnace surrounding the reactor; (8) Temperature controller attached with thermocouple; (9) 
Cooling system to condensate water vapor in the product; (10) Gas chromatograph (GC)  
Figure 46: Schematic of GSR+WGS experimental setup 
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the pressure of the system increased by 0.415 atm while the overall mass of the reactor increased 
by 0.12 grams. The formation of carbon, as shown by Eqn. 14-16, is expected to be the reason for 
the increase in the pressure of the system and the mass of the reactor. The composition of the other 
product gases observed during the GSR+WGS reaction are illustrated in Fig. 47.  
 
 
Figure 47: Product gas composition of GSR+WGS reaction at a temperature of 650 °C, a 
pressure of 1 atm and water to glycerol molar ratio of 9:1 
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As shown in Fig. 47, the addition of the WGS catalyst reduced the concentration of CO 
significantly in comparison to the GSR only experiment (Fig. 24). The average concentration of 
CO in the product gas during the GSR experiment was 9.73% (Fig. 24); whereas, this decreased 
to an average value of 1.77% for the GSR+WGS reaction. This result is slightly better than the 
first industrial iron- and chromium-based WGS reactor that is capable of reducing the exiting CO 
content to about 2% [86]. However, the result obtained here is worse than the current two-phase 
industrial design where exit CO levels are reduced to around 0.1% [84]. Nonetheless, industry 
currently employs three reactors (one for SRM and two for WGS) to achieve this result in 
comparison to the one reactor used in this study. Moreover, by modifying the current setup to 
utilize individual GSR and WGS reactors, the concentration of CO can be reduced further to 
achieve the current industrial outcome. This existing practice for a low CO concentration is 
required to minimize the poisoning of the catalyst used in the subsequent ammonia synthesis 
reaction. However, the next chapter discusses the choice of a catalyst that is less readily poisoned 
by CO; hence, the average CO concentration of 1.77% in the product gas was considered 
acceptable at this point in the project.  
In comparison to CO, the concentrations of CO2 and H2 in the product gas shown in Fig. 
47 are significantly higher. As a result, the combined GSR+WGS experiment successfully 
increased the production of H2. During the 15 hour test, the average concentration of H2 for the 
GSR and GSR+WGS reactions were 66.52% and 69.85%, respectively. Therefore, the addition of 
the WGS catalyst increased the average concentration of H2 by more than 5% while growing the 
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average concentration of CO2 by around 5%. In the next chapter, the H2 gas produced by these 
reactions will be merged with N2 to generate NH3 at a reduced pressure. 
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Chapter 4: Ammonia Synthesis 
4.1 Introduction 
Around 78% of the Earth’s atmosphere is covered by diatomic nitrogen (N2) while the total 
amount of atomic nitrogen (N) in the atmosphere, soil, and water is close of 4  1018 kilograms 
[100, 101]. However, only around 1% of this nitrogen is available to living organisms because of 
the significant amount of energy required to break the triple bond that binds the two N atoms 
together. Since humans cannot directly utilize this atmospheric nitrogen, they consume it through 
food (Fig. 48) [102]. In general, agricultural crops and animals supply 90% of human nitrogen 
needs, while the remaining 10% is obtained from aquatic species and animals depending on 
grassland [103]. Unfortunately, similar to humans, plants cannot completely utilize atmospheric 
nitrogen. Instead, these plants obtain their nitrogen requirements through reactive nitrogen (Nr). 
Here, all the biologically, photochemically, and radiatively active nitrogen compounds are 
considered Nr. For example, this includes inorganic reduced forms (ammonia [NH3], ammonium 
[NH4
+]), inorganic oxidized forms (nitrogen oxides [NOx], nitric acid [HNO3], nitrous oxide 
[N2O], nitrate [NO3
-]), and organic compounds (urea, amines, proteins, nucleic acids) [101]. In the 
early 20th century, these active nitrogen compounds were obtained by [101]:  
 the cultivation of legume crops that promote conversion of N2 to Nr through biological 
nitrogen fixation (by Rhizobium bacteria), 
 atmospheric deposition, such as guano deposits on arid islands and evaporite nitrate 
deposits in Chile, and 
 the recycling of crop residues and animal manures 
However, these sources could not supply the required demand of Nr. As a result, in 1913 Fritz 
Haber and Carl Bosch pioneered the development of NH3 from N2 and H2 to provide an abundant 
form of Nr [101]. Their produced ammonia was then used directly or converted into other nitrogen 
forms like NH4
+ and urea to supply the required active nitrogen for plants.  
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Figure 48: A simple schematic diagram of the nitrogen cycle in agroecosystem based on 
[104] 
Towards the later part of the 20th century, around 40% of the world’s population was 
sustained through the Haber-Bosch synthesis of ammonia, which illustrates the dependence of 
humankind on industrial ammonia production [103, 105]. Of this production, synthetic nitrogen 
fertilizers produced from ammonia help to generate about one-third of the protein in peoples’ diets 
[102]. In addition, along with a significant contribution to the survival of humankind, the industrial 
development of ammonia has influenced fundamental science, subsequently making the Haber-
Bosch one of the most important inventions of the twentieth century [103, 106, 107]. In specific, 
the development of new concepts in the field of heterogeneous catalysis are often applied to this 
reaction because of its pertinence [106, 108]. In this regard, the history of development in ammonia 
synthesis parallels the progress in the science of catalysis. 
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4.2 History on Industrial Synthesis of Ammonia  
The breakthrough in the industrial production of nitrogen fertilizers started with the 
development of first ammonia synthesis plant in 1913 [109]. Prior, there were a few commercial 
nitrogen fertilizer manufacturing industries. For example, a cyanamide process was 
commercialized in Germany in 1898 where coke was reacted with lime and pure nitrogen to 
produce a compound that contained calcium, carbon, and nitrogen. In 1903, the same process was 
implemented in Norway using relatively inexpensive hydroelectricity to power the effort [103]. 
However, both of these operations were unsustainable in comparison to the first industrial 
ammonia synthesis plant that had the capacity of producing 30 megatons/day (Mt/d) of ammonia 
via the following reaction [110]: 
N2 + 3H2 ⟶2NH3 , ∆H = -45.9 kJ/mol (28) 
On an industrial scale, this reaction occurs within a temperature range of 350-600 °C and 
a pressure range of 200-500 atm in the presence of a promoted iron catalyst [105, 107]. 
Specifically, the catalyst is an iron oxide (magnetite) that is promoted with potassium and alumina 
to improve the activity, stability, and duration of the catalytic reaction. In general, this catalyst can 
be used for ten or more years, which is significantly greater than the most catalysts [107]. As a 
result, this iron-promoted catalyst did not have an effective competitor for around 80 years.  
It was not until 1994 when the Kellogg Advanced Ammonia Process (KAAP) was 
introduced that a substantial improvement in the ammonia synthesis reaction occurred. This KAAP 
maintained the same temperature range of 350-600 °C, but now the pressure range was reduced to 
50-100 atm [107]. Consequently, this helps to decrease the total energy required and lessen the 
overall cost of an ammonia plant. In general, the KAAP is different from the traditional Haber-
Bosch process mainly in the selection of the catalyst. In specific, KAAP uses a doubly promoted 
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ruthenium catalyst supported by a unique carbon structure [107]. This ruthenium/carbon (Ru/C) 
catalyst is reported to have 20 times more activity than the traditional ammonia catalyst [111]. As 
a result, the use of KAAP technology enabled plants to decrease steam usage by 30-40% and 
reduce electricity consumption by 5-10% while, maintaining an analogous operating capacity 
[111]. Consequently, KAAP technology has been applied successfully in seven different industries 
in Trinidad, Egypt, and Venezuela [107]. While research is still on-going in this field (e.g., Co-Mo 
nitride catalyst and electrochemical synthesis [105]), only the Haber-Bosch process and KAAP 
technology are being used on an industrial scale as highlighted in the history of ammonia synthesis 
via Table 19.  
Table 19: Important dates in the history of ammonia synthesis [29, 102, 110, 112] 
Progress Year (A.D.) 
Ammonia consists of hydrogen and nitrogen 1784 
Cyanamide process commercialized in Germany  1898 
Carl Bosch began the development ammonia synthesis process at BASF 1899 
Cyanamide process using hydroelectricity in Norway 1903 
First equilibrium test by Haber 1904 
Haber patent 1908 
Catalyst program by Haber-Bosch  1908-1922 
Equipment program by Bosch at BASF 1910 
The first commercial plant -30 Mt/d at BASF 1913/14 
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The first application of Ru catalyst in the synthesis of ammonia  1917 
World ammonia capacity reaches 2000 Mt/d 1927 
Study of Ru/C catalyst by British Petroleum (BP) 1982 
Ruthenium/carbon catalyst retrofitted to one large ammonia plant  1992 
KAAP claimed to reduce the capital cost of a world-scale ammonia plant 1994 
World ammonia capacity reaches 450,000 Mt/d  2005 
World ammonia capacity reaches 630,000 Mt/d [112] 2017 
 
4.3 Ammonia Synthesis: Current Scenario 
As shown in Table 19, the catalytic synthesis of ammonia has made significant progress in 
the past century. The production capacity has increased exponentially from 30 Mt/day to 630,000 
Mt/day. In terms of operating conditions, the reaction pressure and overall energy consumption 
have decreased by more than 50%. The current energy required for production is around 27.2 GJ 
(6.50 Gcal) that is still somewhat greater than the theoretical minimum energy requirement of 20.1 
GJ (5.05 Gcal) (Fig. 49) [109, 110]. Moreover, the ammonia production process still consumes 3 
to 5% of the world’s natural gas production while releasing around 400 Mt of CO2, which is 
equivalent to 1.6% of the global CO2 emissions [109, 113]. Furthermore, there is a growing 
demand for fertilizers and the synthesis of ammonia is expected to increase by 3-5% yearly [112]. 
As a result, there is a need to modify or replace the current ammonia production process to reduce 
energy usage and fossil fuel consumption [112].  
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Figure 49: Plant trends in energy consumption with time [110] 
As shown in Fig. 6 (Chapter 1), the current industrial ammonia synthesis process involves 
three different reactions that use four seperate reactors. In the first reactor, natural gas reacts with 
water to produce H2, CO, and CO2. In the second and third reactors, CO is reacted with water to 
produce more H2 and CO2. The final reactor uses this hydrogen and nitrogen to produce ammonia. 
In general, the overall efficiency can be maximized by optimizing the thermodynamic conditions 
of each reactor. Here, this effort has minimized the concentration of CO while growing the level 
of H2 by using a single reactor under atmospheric conditions. This significantly reduces energy 
consumption in comparison to the industrial use of three reactors at potentially higher pressures. 
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Furthermore, the feedstock of natural gas is replaced here with glycerol for the production of 
hydrogen, subsequently lowering the usage of fossil fuels.  
In this current effort, the next step involves enhancing the overall efficiency of the system 
by optimizing the ammonia synthesis reaction. In this aspect, Malmali et al. proposed an improved 
ammonia production procedure at reduced pressure (ca. 12 times lower than the traditional 
experiments) by selectively capturing ammonia over a CaCl2 material during operation [114]. 
Implementation of this finding along with the current one reactor approach for the GSR+WGS 
reactions on a grand scale could significantly reduce the costs of ammonia generation. However, 
a challenge exists in integrating the GSR+WGS reactions with the ammonia synthesis process (to 
be discussed). Prior, it is important to select a suitable catalyst for the synthesis of ammonia from 
H2 and N2 while considering the effluent of the GSR+WGS reactions.  
4.4 Catalyst Selection 
In Malmali et al.’s efforts, they used the promoted ferrous oxide catalyst. However, the 
activity of an iron catalyst is reduced by the presence of carbon monoxide and carbon dioxide; 
hence, industry removes these components by implementing multiple WGS reactors and water 
scrubbing techniques [115]. Furthermore, iron-based catalysts typically require relatively extreme 
operating conditions (specifically high pressures). Due to these reasons, recent research has 
focused on metals including Co-Mo, Ru, Rh, Co, and Ni in order to mitigate thermodynamic 
constraints [114, 116-119]. Among these catalysts, most papers promote Ru-based catalysts over 
Fe-based catalysts because of its significant increase in ammonia synthesis at lower 
thermodynamic pressures and temperatures [116-119]. For example, Table 20 shows that the 
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ammonia yield rate for a Ru/C catalyst can be more than 18 times the yield rate of a Fe-based 
version. Furthermore, it has been reported that inhibition by carbon compounds is suppressed 
considerably by using noble (Rh, Ru, and Pt) metal-based catalysts [95, 120].  
Table 20: Relative yields of ammonia (arbitrary units). The ratio of H/N is 3:1 for Fe-based 
catalyst and 1.5:1 for Ru/C [107] 
Progress Fe-based Catalyst  Promoted Ru/C  
Yield at 86 bar and 380 °C 1 26 
Yield at 138 bar and 400 °C 3 55 
 
Since the product gas from the GSR+WGS reactors studied contain carbon compounds, 
the Fe-based catalyst implemented by Malmali et al. will be readily inhibited. Therefore, a 
ruthenium catalyst is a better selection with an investigation of available options in Table 21 
confirming this choice. Interestingly, a Co-Mo catalyst may also be of pertinence; however, the 
inhibiting effect of carbon compounds over this catalyst could not be found in the literature.  
Table 21: Different catalysts used in the ammonia synthesis reaction [114, 116-119] 
Catalyst Operating Conditions NH3 Selectivity 
Fe 400-500 °C, 10-30 bar 15% NH3 
Yield at 138 bar and 400 °C 400 °C, 1 bar  ~0.6 mmol g-1 h-1  
Co-Mo alloy using NaNaph 400 °C, 10 bar  ~3.0 mmol g-1 h-1 
Co-Mo alloy using NaNaph 400°C, 1 bar  10% 
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Alkali promoted Ru 400°C, 100 bar  60% 
Alkali promoted Ru 370-470 °C, 50-100 bar ~30%  
Ru/C 400 °C, 100 bar ~24.5% by volume 
Fe-Ru 400 °C, 40 bar ~16% by volume 
Fe-Ru 400-500 °C, 10-30 bar,  15% 
 
Various supports have been studied for Ru catalysts, including MgO, Al2O3, MgAl2O4, 
zeolites, and active carbon. Among them, carbon-based supports are considered to be 
advantageous in the synthesis of an efficient, stable, inexpensive, and reproducible supported 
system [108, 118, 121]. Unfortunately, Ru/C has poor resistance towards methanation. In specific, 
Ru itself can catalyze the carbon support to form methane, which may corrode the support and 
subsequently promote catalyst sintering and deactivation. However, pretreatment of the carbon 
support at high temperatures with air forms a high surface area graphite (HSAG) that significantly 
increases the stability of the Ru/C catalyst; hence, minimizing the formation of methane [122]. In 
addition, HSAG can support smaller Ru particles at greater loadings (around 8 % by weight) 
allowing promoters to interact with the metal effectively [105].  
These promoters belong to groups 1A and 2A of the periodic table and can enhance the 
activity and the stability of Ru/C catalyst [123]. In general, the electron withdrawing effect of 
active carbon usually lowers the activity of the Ru/C catalyst. Moreover, the electron donating 
ability of promoters form a complex with Ru. This increases the rate of the slowest step of the 
reaction (i.e., the dissociative adsorption of nitrogen on the catalyst surface); thus, promoting the 
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activity of the catalyst [123]. Of these promoters, Ba, K, and Cs are the most widely studied options 
for a Ru/C catalyst with Ba reported as the most active followed by Cs and K. Furthermore, the 
highest activity while maintaining a significant resistance to methanation has been reported when 
all promoters are added together at atomic ratios of Ba/Ru = 0.6, Cs/Ru = 1 and K/Ru = 3.5 [123]. 
As a result, this triply promoted Ru/C catalyst is used here and the catalyst was prepared in 
following steps using the literature knowledge [107, 108, 118, 121-124]: 
Carbon support preparation  
1. 10 grams matrix activated coconut charcoal, 20-40 mesh size was used (Sigma Aldrich, # 
10275).  
2. The carbon was pretreated at 1500 °C for two hours under an inert atmosphere of 5% N2 
in Ar balance.  
3. It was cleaned from dusty fines and subjected to an oxidizing treatment in flowing air, by 
heating up to 425 °C, maintained for four hours, and then cooled down to room temperature 
(r.t.)  
4. Initially, the cleaned carbon was oxidized for 12 hours that reduced the weight by 60%. 
However, after changing the oxidation time to four hours, the weight loss was ca. 33% 
which is similar to another that reported a loss of 34% [125]. 
5. The oxidized carbon was reduced for three hours at a temperature of 900 °C by flowing 
H2. 
6. Finally, the carbon was cooled to room temperature by flowing N2.  
Addition of Ru 
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1. An aqueous solution of ruthenium chloride was employed as a Ru precursor.  
2. The composition of Ru in the Ru/C catalyst varies from weight % of 2.5 to 23 in the 
literature. However, it has been reported that it is possible to obtain a highly active catalyst 
with a respectively low Ru loading on the order of 3.5 wt.% [124, 126]; hence, significant 
mitigating catalyst costs. Therefore, the Ru was loaded at 3.5 wt.%.  
3. Deposition of the ruthenium on the support was done by wet impregnation using the 
acetone solution, followed by drying (90 °C) in the oven for 30 minutes.  
4. Reduction of Ru/C was carried out for three hours at a temperature of 320 °C by flowing 
H2 + N2 (1.5/1, v/v) gas mixture 
5. Finally, N2 was utilized to cool the Ru/C catalyst to room temperature. 
Addition of promoters 
1. The addition of promoters was carried out by impregnation from an aqueous solution of 
the hydroxides (K, Cs) or of the nitrate (Ba). Here, water was used as a solvent. 
2. The promoters were added in an atomic ratio of Ba/Ru = 0.6, Cs/Ru = 1 and K/Ru = 3.5. 
3. The solution was dried in the oven at 110 °C for 2 hours.  
The prepared promoted Ru/C catalyst was ground down to mesh size of 60 before employing in 
the ammonia synthesis process. 0.3 grams of Ru/C catalyst was loaded into the reactor tube along 
with the similar amount of SiO2.  
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4.5 Operating Conditions   
As shown by Eqn. 28, the conversion of hydrogen and nitrogen to ammonia is an 
exothermic reaction. The application of Le Chatelier’s principle (as discussed prior) suggests that 
the ammonia synthesis rate can be increased by:  
 Maintaining a lower temperature. However, the reaction (Eqn. 28) is limited kinetically at 
lower temperatures [114]. According to the research, the rate of ammonia produced over a 
Ru catalyst improves as the reactor temperature increases from 350⁰C to 430⁰C. The 
maximum ammonia production rate is obtained within a temperature range of 430⁰C to 
465⁰C and then decreases with the temperature [118, 122]. Therefore, the operating 
temperature of 450⁰C was selected for this study. 
 Increasing the concentration of nitrogen and hydrogen. However, the ruthenium catalyst is 
inhibited by H2; therefore, a nonstoichiometric ratio of H2 to N2 (< 3) is preferred and the 
ratio of 1.5 is reported to have comparatively higher ammonia production rate [115, 118]. 
As a result, the volume ratio of H2 to N2 of 1.5 was considered. 
 Increasing the overall pressure of the system. However, due to safety issues and current 
limitations of the reactor design, the pressure is usually reduced in micro-reactors ranging 
from 1 to 90 bar [114, 116-119, 122]. Since the pressure of 1 atm is used with the GSR and 
WGS reactions in this study, the same pressure was selected for the ammonia synthesis 
reaction.  
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(1) Nitrogen gas; (2) Hydrogen gas; (3) Mass flow controller (MFC); (4) MFC control module; 
(5) Flowmeter; (6) Valve to maintain pressure; (7) Temperature controller attached with 
thermocouples; (8) Furnace surrounding the reactor for ammonia synthesis reaction; (9) 
Valve to maintain pressure; (10) Gas chromatograph (GC) 
Figure 50: Schematic reactor setup for the ammonia synthesis reaction 
The flowrate of the system was maintained at 50 cm3/min that is similar to that of the GSR 
and WGS reactor studies. Likewise, a GHSV of 50,000 h-1 was used that is reported to have 
comparatively higher ammonia production rate [118]. All of these parameters were maintained by 
configuring the reactor as shown in Fig. 50. Here, ultra-high purity hydrogen (Matheson, part # 
SG SUPPULW500P) and ultra-high purity nitrogen (Matheson, part # NIUHP 1L) were passed 
through the mass flow controllers and an anemometer to the reactor within the furnace. The product 
gas from the reactor was delivered through the control valve that is used to maintain the pressure 
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of the system before reaching the GC for analysis. The GC was calibrated to detect ammonia by 
passing known concentrations of ammonia gas (Matheson, part # HGG1501240). In specific, the 
ammonia gas was incorporated in the system using the MFCs and a linear graph was plotted as 
shown in Fig. 51 that was used to measure unknown concentrations. The peaks for ammonia gas 
were detected in the ‘Back TCD’ at a time range of 2.92 mins to 3.56 mins. Fig. 52 illustrates a 
reproduced, representative ammonia peak in the ‘Back TCD’.  
 
Figure 51: Area covered by known concentrations of ammonia gas in the GC 
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Figure 52: A sample peak at 2.92 minutes in ‘Back TCD’ while passing 100% NH3 
gas by volume  
In contrast to Malmali et al.’s work, the recirculating pump and absorber were not included 
in the initial tests as the first test was to see if ammonia could be produced at a reduced pressure 
of 1 atm. Subsequently, a recirculating pump and absorber will be added to increase the ammonia 
production rate. 
4.6 Results and Discussions 
First, the characteristics of the prepared Ru/C catalyst were found starting with a BET 
analysis. The BET surface area, pore volume, and pore diameter of the catalyst were 276.6±0.15% 
m2/g, 0.16±0.15% cm3/g, and 2.38±0.15% nm, respectively. 
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Figure 53: EDX layered image for fresh Ru/C catalyst 
Similarly, SEM/EDX tests were conducted to analyze the concentration of Ru, B, K, and 
Cs on the fresh catalyst sample. The SEM/EDX image of Fig. 53 shows that the metal particles 
are uniformly distributed throughout the catalyst sample. The concentration of C, O, Ru, Ba, Cs, 
K, Al, and Cl in the given sample as shown in Fig. 54 are 30.7±0.1%, 26.0±0.1%, 9.8±0.1%, 
8.9±0.1%, 9.8±0.1%, 6.3±0.0%, 5.0±0.1%, and 4.4±0.0%, respectively. Again, there is a presence 
of aluminum in the catalyst that is (apparently) obtained during its preparation. 
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Figure 54: The proportion of various elements on fresh Ru/C catalyst 
After characterization, the catalyst was activated by flowing the H2 and N2 gas at a ratio of 
1.5:1 at 50 cm3/min. The temperature was increased from the room temperature to 450⁰C at a rate 
of 1⁰C/min and held for five hours. Finally, the results from the GC were analyzed on an hourly 
basis as illustrated in Fig. 55. The readings at the zero hour represent the concentration of gases 
before starting the test. As shown in this figure, no ammonia gas was obtained by the 
implementation of the ruthenium catalyst at the selected operating conditions. Since the catalyst 
characterization results demonstrate that the catalyst has a surface area and elements in proportion 
to that described in the literature, the prepared catalyst appears reasonable. Overall, it seems that 
the selected operating conditions, particularly the pressure, are not sufficient to break the N2 bonds 
required for the formation of NH3 [117].  
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Figure 55: Product gas composition of ammonia synthesis reaction at a temperature of 450 
°C, a pressure of 1 atm and H2 to N2 volume ratio of 1.5:1 
As a result, the pressure of the system was increased to 2.5 atm by increasing the flowrate 
to 200 cm3/min that is the maximum possible pressure for the installed MFCs. All other operating 
conditions were kept the same as the prior evaluation and the test was carried out for five hours. 
However, as illustrated in Fig. 56, the volume ratio of H2 to N2 is significantly less than 1.5. Since 
the MFCs were rated for 1 atm, on increasing the pressure, the flowrate of H2 was altered. As a 
result, the volume ratio of H2 to N2 was reduced to 0.85. 
 The proportion of product gases at a pressure of 2.5 atm are illustrated in Fig. 56. However, 
according to the results, the comparatively higher pressure of 2.5 atm could still not generate any 
ammonia. On analyzing Fig. 55 and Fig. 56, it can be observed that the concentration of N2 is 
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unchanged throughout the testing period on both occasions. As indicated in the literature, the 
dissociation of N2 is the highest energy-requiring step in the synthesis of ammonia [117]. Here, 
the results imply that a reactor pressure less than or equal 2.5 atm is not sufficient to synthesize 
ammonia with the Ru/C catalyst.  
 
Figure 56: Product gas composition of ammonia synthesis reaction at a temperature of 
450°C, a pressure of 2.5 atm and H2 to N2 volume ratio of 0.85:1 
At this point, two other options to synthesize ammonia were considered. The first option 
was to increase the pressure of the system and the other option was to test other catalysts that are 
reported to be effective in micro-reactors at a pressure of 1 atm. Since the main aim of the study 
is to merge the ammonia synthesis reaction with the GSR and WGS reactions, the use of 1 atm for 
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all the processes would significantly simplify the effort while reducing the ammonia production 
cost. Therefore, the second option of testing an alternative catalyst was accomplished. As stated in 
Table 21, a Co-Mo bimetallic catalyst prepared using a NaNaph solution is reported to be effective 
in producing ammonia at 1 atm [116]. Therefore, the same catalyst was selected and it was 
prepared by using the following procedure [116]: 
1. First, CeO2 (Alfa Aesar, part # 1306-38-3) was heated in the absence of air at 3.3°C/min 
from room temperature to 600°C. It was kept at 600°C for six hours, followed by 
cooling to room temperature.   
2. 0.04 grams of CoCl2 (Alfa Aesar, part # 7646-79-9) and 0.09 grams of MoCl5 (Alfa 
Aesar, part # 10241-05-1) were added to 50 ml of THF solution (Fisher Chemicals, part 
# 109-99-9). 
3. 1 gram of cooled CeO2 was immersed in the mixture prepared in Step 2 and the solution 
was stirred for four hours at room temperature.   
4. In the meantime, 0.06 grams of Na (Sigma-Aldrich, part # 7440-23-5) and 0.34 grams 
of Naphthalene (Alfa Aesar, part # 91-20-3) were mixed in 20 ml THF and held for 24 
hours. This solution after 24 hours was labeled as NaNaph. 
5. The NaNaph solution was slowly added to the solution prepared in Step 3.  
6. The resulting solution was centrifuged for two minutes and washed with methanol 
(Alfa Aesar, part # 67-56-1) to remove the impurities. 
7. Finally, the powder was dried in a vacuum at room temperature and was labeled Co-
Mo/CeO2. 
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Subsequently, 0.05 grams of Co-Mo/CeO2 were loaded into the quartz tube and tests were 
carried out by using the same reactor as illustrated in Fig. 50. The operating pressure of 1 atm was 
used for the test and the other parameters were selected based on the work of Tsuji et al. [116]. 
After loading the catalyst, the reactor was heated from room temperature to 400°C at a rate of 
3.3°C/min in the presence of H2 and N2 at 3:1 volumetric ratio. The GHSV of 210,000 hr
-1 was 
maintained through the experiment. Before monitoring the synthesis of ammonia in the GC, the 
temperature of 400°C was held for two hours.   
 
Figure 57: Product gas composition of ammonia synthesis reaction at a temperature of 
400°C, a pressure of 1 atm and H2 to N2 volume ratio of 3:1 using Co-Mo/CeO2 catalyst 
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The test was conducted for six hours at 400°C and the result is illustrated in Fig. 57. 
Unfortunately, the use of the Co-Mo bimetallic catalyst prepared by sodium naphthalenide-driven 
reduction could still not generate ammonia. Similar to Fig. 55 and Fig. 56, the proportion of N2 in 
Fig. 57 remained unchanged throughout the six hour period. One main difference in this test as 
compared to Tsuji et al.’s ammonia synthesis experiment at 1 atm is the analysis of the product 
gas [116]. Instead of directly passing the product gas to the GC, the authors passed the gas into a 
5 mM H2SO4 solution. Subsequently, the concentration of NH4
+ produced in the sulfuric acid 
solution was determined by using ion chromatography [116]. A few other studies support the use 
of ion chromatography for ammonia analysis, since the small mass, higher volatility, and polarity 
of ammonia might result in poor retention and peak shapes at lower concentrations [127, 128]. In 
situations where ammonia concentrations are less than 100 ppm, the use of ion mobility 
spectroscopy, ion chromatography, and capillary electrophoresis might be better for detection 
purposes. However, ammonia vapor requires additional sampling methods like mixing with acids 
that might reduce the efficiency and sensitivity of the actual sample.  
In this effort, there is a possibility that a small amount of NH3 might have been produced 
by Ru/C and/or Co-Mo/CeO2 catalysts and not detected by the GC. As a result, comparing the 
results by using ion chromatography is an alternative to be considered. However, the current results 
with two different catalysts suggest that the production of ammonia even at a micro-reactor level 
needs a higher pressure for disassociation of the nitrogen bonds. Therefore, the desired aim of 
direct catalytic conversion of glycerol to ammonia at a lower pressure could not be achieved at 
this point. However, the use of a greater pressure to dissociate N2 is expected to produce ammonia. 
117 
 
 
The produced ammonia can be merged with the GSR and WGS reactions in a slightly modified 
way (Fig. 58) to achieve direct conversion of glycerol to ammonia.  
 
 
Figure 58: A modified direct catalytic conversion of glycerol to ammonia setup 
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Chapter 5: Conclusion and Future Work 
5.1 Conclusion  
The main goal of this research was to study the direct catalytic conversion of glycerol to 
ammonia at a lower pressure. In order to achieve this objective, the study was divided into three 
main parts: glycerol steam reforming (GSR), water-gas shift (WGS) reaction, and ammonia 
synthesis reaction (ASR). In a GSR reactor, glycerol was reacted with water in the presence of a 
catalyst to produce H2, CO2, and CO. Subsequently, the WGS reactor used a different catalyst to 
combine CO with steam to form H2 and CO2. Next, the H2 gas was mixed with N2 in the presence 
of another catalyst in the ammonia synthesis reactor to study the formation of ammonia. Since the 
GSR and WGS reactors are the source of H2 for the NH3 reactor, the first target of this study was 
to maximize the production of H2 from these combined reactions.  
In order to increase the hydrogen production rate, a Ni/γ-Al2O3 catalyst was selected for 
the GSR efforts because of its higher activity and significantly lower cost in comparison to other 
metals. Hence, an industrially prepared Ni/γ-Al2O3 catalyst was used for the efforts. The operating 
conditions, including pressure, temperature, flowrates, and the ratio of glycerol to carbon were 
considered based on experimental results and the thermodynamic analysis presented in the 
literature. Moreover, since the GSR experiments were successfully conducted at KU previously, 
another aim of the GSR tests were to reproduce the previous results. Here, a new reactor setup was 
prepared and the experiments were conducted at a temperature of 650 °C and a pressure of 1 atm. 
The designed initial setup successfully reproduced the results for the first six hours. However, the 
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pressure of the GSR reaction increases with time due to the formation of carbon (illustrated by 
catalyst characterization results) and due to the potential sintering of small nickel particles. As a 
result, the initial reactor setup could not support the increasing reactor pressure after six hours. 
Therefore, the existing pump was replaced with a higher pressure pump and the diameter of the 
catalyst was increased to reduce the induced pressure of the system. Consequently, the modified 
setup was able to produce results similar to the previous efforts at KU for the first three hours, 
while the newer results after three hours were significantly better with a much-improved hydrogen 
production rate. The reason behind the decrease in activity over time in the previous study can be 
attributed to the formation of carbon in the reactor. In specific, the mass of carbon in the prior 
experiment was around six times more than what was observed in this study over a similar time 
duration. Overall, the average proportion of H2 and CO in the product stream during the first 15 
hours of GSR test in this study were 66.12% and 9.68%, respectively. 
Likewise, for the WGS reaction a Pt/HAP catalyst was selected since it has a higher CO 
conversion rate. Moreover, Pt/HAP catalysts operate at conditions similar to the GSR reaction that 
makes the merging of the two reactors easier. As a result, a 1 wt. % Pt/HAP catalyst was prepared 
in the laboratory by using Ca(NO3)24H2O, (NH4)2HPO4, and H2PtCl6 precursors. Catalyst 
characterization tests, including BET, TEM, SEM/EDX, and FTIR were conducted on the catalyst 
to determine the surface area, pore size, element distribution, and different bonds in the catalyst. 
The characterization results suggested that the catalyst was sufficient for WGS testing. Next, the 
WGS reactor was prepared by modifying the GSR setup and the experiments were carried out at a 
temperature of 450 °C and a pressure of 1 atm for six hours. Overall, the reactor setup was able to 
120 
 
 
achieve 100% CO conversion after one hour and the same conversion rate was observed 
throughout the resulting six hours period. For a typical ammonia industrial practice, the WGS 
reaction is performed in two different reactors, using two separate catalysts to increase the 
production of H2 while minimizing the concentration of CO. Therefore, the implementation of a 
single reactor with a higher CO conversion rate as shown in this study is expected to reduce the 
energy consumed by WGS reactions in current industry by approximately half.  
Since the operating temperature of GSR and WGS reactions used in this study were 
different, two main options to merge these reactions were considered. The first option included the 
use of two separate reactors at different temperatures. The second option was to select an optimized 
temperature for both these reactions and to use a single reactor with the same temperature. As a 
result, temperature parametric studies were conducted and the results suggested that the 
temperature of 650 °C would be an optimized temperature for a single reactor. The total amount 
of H2 produced at an optimized temperature for a single reactor was almost similar to the amount 
of H2 produced by using two separate reactors while consuming significantly less energy. As a 
result, a single reactor with a temperature of 650 °C was used to merge GSR and WGS reactions. 
The average proportion of H2 and CO in the product during the first 15 hours of GSR+WGS test 
were 69.85% and 1.77%, respectively. The combination of GSR and WGS reactions increased the 
H2 production rate by more than 5% while reducing the CO proportion by around 81%.  
Since the GSR, WGS, and GSR+WGS reactions were conducted at 1 atm, catalysts 
operating at a similar pressure were preferred for ammonia synthesis reaction. According to the 
literature, both Ru/C and Co-Mo based catalysts demonstrate effectiveness for this reaction at 
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lower pressures. Among them, Ru/C was selected since it was used on an industrial scale. 
Moreover, it was reported to have reduced tendency towards oxidation by CO2.. Next, a Cs, Ba, 
and K promoted 3.5 wt. % Ru/C catalyst was prepared in the lab. The surface area and elemental 
distribution of the catalyst was tested by performing BET and SEM/EDX tests. The prepared 
catalyst had a sufficient surface area and correct proportions of elements on its surface. 
Subsequently, a catalytic test was conducted in a new reactor setup with a pressure of 1 atm and a 
temperature of 450 °C. Unfortunately, ammonia could not be generated by the prepared Ru/C 
catalyst at 1 atm. Therefore, the pressure of the system was increased to 2.5 atm; however, no 
concentration of ammonia was detected in the GC even with the increased pressure. Therefore, it 
was assumed that a pressure below 2.5 atm is not sufficient for the formation of ammonia with 
promoted Ru/C catalyst. Consequently, a Co-Mo/CeO2 catalyst was prepared in the lab by using 
the sodium naphthalenide-driven reduction technique. Then, the Co-Mo/CeO2 catalyst was tested 
at a pressure of 1 atm and a temperature of 400 °C. However, no traces of ammonia were noticed 
in the product gas. Therefore, based on the current results with two different catalysts, it can be 
concluded that the direct catalytic conversion of glycerol to ammonia at atmospheric pressure 
could not be achieved in the reactor setup as designed.  
5.2 Future work 
   
 For future work, the product gas should be analyzed by using different detection 
techniques, such as ion mobility spectroscopy, ion chromatography, and capillary electrophoresis. 
In specific, ammonia gas might have poor retention and peak shapes at lower concentrations; 
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hence, being undetectable by the GC. As a result, there is a possibility that some amount of 
ammonia gas could have been produced by the Ru/C and/or Co-Mo/CeO2 catalyst at the reduced 
pressures studied. 
 Similarly, the ammonia synthesis reaction should be performed at a higher pressure with a 
Ru/C catalyst. Once a concentration of ammonia is detected in the products, a recirculating pump 
should be used with an ammonia absorber (CaCl2) to absorb the NH3 in the product. This can help 
minimize the operating pressure of the reaction by taking advantage of LeChatelier’s principle. 
Subsequently, the ammonia synthesis reactor should be merged with the GSR and WGS reactions. 
Then, a temperature parametric study can be conducted to see if all the reactions can be performed 
in a single furnace. Finally, the research can be expanded to investigate the conversion of acid 
washed crude glycerol to ammonia.  
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